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Abstract 

There has been considerable research in the recent past on batch reactive distillation (BRD). 

One such example is the esterification of acetic acid with methanol in the presence of solid 

catalysts such as Indion 180/190, Amberlyst and other similar cationic resins. In such as 

heterogeneous reaction the products are methyl acetate and water. The process of separation of 

product that is methyl acetate by distillation is also carried out along with reaction in the 

reboiler. Such simultaneous reaction and distillation in one unit operation is termed as BRD. 

In the present work, the heterogeneous reaction is modeled and simulated at catalyst particle 

scale as well as at reactor scale. One non-isothermal kinetic study itself was shown to yield all 

the four parameters of this reversible reaction. Experimentally novel heat input to the reboiler 

in the form of constant heat supply instead of isothermal condition was explored for a reboiler-

rectification column combination. Modeling and simulation of packed distillation column was 

carried out using rate based approach to predict the composition in vapor along the column and 

finally in the distillate. It was found that smaller heat input gives highest purity of methyl 

acetate in distillate but start-up time being high. Simulation results also matched experimental 

results regarding the trend in distillate purity versus heat supply rate to reboiler. 
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 Introduction 

The manufacture of any synthetic organic chemical requires reaction followed by separation. 

The reactions are conducted in reactors conventionally and separation is carried out in 

distillation columns for miscible system. The first part of the above process can be enhanced 

by adding catalyst which were in the form of liquids initially and later got replaced by solid 

resin catalyst. This invention has directly reduced one separation process because simple 

filtration can be used to separate the solid catalyst. Further distillation unit operation can also 

be combined with the reactor where the reactor acts as a reboiler and the column above it 

becomes the rectification section. If the desired product has the least boiling point then it can 

be obtained as distillate. If the desired has highest boiling point then it can be obtained in the 

bottom. In the past patents were also granted for such technologies (Agreda and Partin, 1984). 

It is significant in the view of process intensification and energy minimization. In this work the 

esterification reaction between acetic acid and methanol producing methyl acetate and water 

in the presence of solid cationic resin catalyst such as INDION 190 is studied. To predict the 

kinetics of this solid catalyzed esterification, a dynamic simulation of reaction and transport at 

particle scale using COMSOL Multiphysics was carried out. The reaction kinetic data utilized 

for parameter evaluation and validation is from the esterification reaction with similar solid 

catalyst such as Indion 180. When the reactant mixture is mixed with solid catalyst particles it 

becomes a uniform particulate-liquid suspension at sufficiently high mixing speed in a batch 

reactor [Patan et al., 2018]. Keeping this as assumption for the determination of kinetics, each 

solid catalyst particle is surrounded by reactant mixture which is of equal volume for all the 

catalyst particles. A dynamic simulation is carried out using COMSOL Multiphysics which has 

solver for diffusion-reaction equation for both in liquid phase and inside particle. The intrinsic 

reaction rate constants for bulk liquid phase and inside the particle are assumed different and 

obtained by solving the full diffusion-reaction equation and using optimization method with 

more accurate boundary condition at particle-liquid interface. Three different models are 

proposed for evaluating the rate constants from micro simulation and the experimental kinetic 

data.  

 

For pseudo homogeneous assumptions, a novel method of obtaining reaction kinetic constants 

of the same reversible reaction is proposed. It consists of measuring both concentration and 

temperature dynamics in a batch reactor supplied with a constant heat input rate. By just one 

experiment it is shown possible that the four kinetic constants such as frequency factor and 
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activation energies for both forward and backward reactions by the use of multi parameter 

optimization technique. 

 

When a distillation column is attached above the reactor it becomes batch reactive distillation 

(BRD). Modeling and simulation of a distillation column is very important in many chemical 

industries where ever it requires reaction, separation or purification of a liquid mixture into its 

pure components in one unit. Particularly in the context of improving efficiency, process scale 

up, intensification and control it requires a validated model. In this work, a batch distillation 

equipment which consists of a reboiler, a packed column and a top condenser is used to distil 

a non-reacting mixture of benzene and toluene with various heat inputs to the reboiler. Such a 

study gives a validated model suitable for implementing for multi-component mixtures. The 

distillation process in the column is modelled by evaporation rate based approach or non-

equilibrium approach. This particular feature is different from the stage wise equilibrium 

model. The model is for a packed bed distillation column with a continuous variation of liquid 

and gas phase composition along the height of the column. It is a 1-D model and solved by 

Finite Difference Method. The distillate compositions at total reflux obtained from experiments 

and the simulations are compared for validating of model. 

 

Experimental results related to various wall heating conditions for a batch reactive distillation 

(BRD) were conducted. A solid catalyzed esterification reaction as mentioned earlier is chosen 

as the system for study. An experimental apparatus with reboiler and a rectification column 

along with top total condenser were used. As a novelty the rectification section is provided 

with a jacket through which hot water can be circulated. The intention was to check if higher 

wall temperature would lead to less onset time for distillate formation and steady state in 

distillate composition. The start-up dynamics of temperature in the reboiler, the onset of 

distillation and the purity of product were recorded. The reboiler is supplied constant heat input 

rate at three different values. An objective pertaining to high throughput of the desired product 

methyl acetate is defined to select the most suitable operating option among all the above 

mentioned operating conditions. Modelling and simulation of BRD using the earlier pseudo 

homogeneous reaction kinetics and evaporation rate based model for packed column was 

carried out and trends are validated with experimental data. New insights are obtained in regard 

to scale up of lab scale BRD apparatus which can be applied for scale-up. Hence sufficient 

contribution is made to the field of a heterogeneous batch reactive distillation through this 

thesis.  
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The thesis is organized as several chapters. In chapter 2 the literature survey and a few gaps 

identified are presented. In chapter 3 the objectives of the study are proposed. In chapter 4 the 

experimental work is presented. In chapter 5 the modeling and simulations methodologies 

implemented in this work are described. In chapter 6 the results are presented along with 

discussion on mechanism wherever applicable. In chapter 7 the concluding remarks are 

presented. 
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 Literature Survey 

2.1 Pore diffusion models for solid catalysed reactions 

In solid catalyzed heterogeneous reaction there is a simultaneous reaction and diffusion 

occurring in the catalyst particles. Such a system is generally difficult to simulate or obtain 

analytical expression for overall kinetics of reaction conversion.  

 

Simulation of reaction-convection-diffusion equation inside porous catalysts was carried out 

and found to be useful to obtain internal mass transfer coefficients [Joshi et al., 2009]. It was 

applied in the context of gas phase reactions in porous catalysts like monolith of catalytic 

converters in automobiles.  

 

The concept of microscopic reaction rates was explained with combination of mass transfer 

limitation in minute pores of catalyst. Multiscale modelling where the details of smaller scale 

are transmitted to larger scale features was explored. Simultaneous mass transfer and reaction 

were also simulated for porous media such as catalytic monoliths [Valdes-Parada et al., 2011].  

 

Transport of charged drug molecules by electric field through porous membrane was attempted 

to model the transdermal and transmucosal delivery. This drug delivery model was carried out 

successfully using COMSOL Multiphysics involving simultaneous diffusion, convection and 

electrophoretic mobility [Moscicka-Studzinska and Ciach, 2012].  

 

Irreversible gas-solid reactions were studied to understand the assumption of spatial uniformity 

in deriving the overall kinetic model. For reactor modelling purpose both non porous and 

porous catalysts were explored. A 1-D reactor model with a thin zone allocated for reaction 

was simulated using COMSOL Multiphysics. Difficulty in obtaining rate constants for 

heterogeneous catalysis is also recently reported [Pietrzyk et al., 2015].  

 

Catalyst efficiency in micro-reactors was evaluated by using CFD simulation. The effect of 

internal heat input on increasing the conversion efficiency of certain industrial reactants like 

methane steam reforming was studied in micro scale CFD simulations [Butcher and Wilhite, 

2016].  

 



7 
 

The mathematical modeling approach of single layered monolithic catalysts was extended to 

two layered concept. The effect of pore geometry on reaction kinetics in catalytic converter is 

also modeled and simulated using reaction diffusion and convection equation. The 

mathematical models were justified to take less computational time [Mozaffari et al., 2016]. 

 

Esterification of acetic acid with methanol in liquid phase using porous solid catalyst particle 

is one such example of reaction inside pores [Mekala et al., 2013]. It was one of the first papers 

to model esterification reaction using pore diffusion model. In this previous work there is an 

assumption of quasi steady state in simulating the dynamics of concentration profile inside the 

catalyst particle. The liquid side was assumed to be well stirred and hence a uniform 

concentration was attributed to all the species. This forms a Dirichlet boundary condition 

instead of flux continuity which is addressed in the present work. The general reaction is  

 

CH3COOH(A) + CH3OH(B)  CH3COOCH3(C) + H2O(D)             (2.1) 

 

A hydrodynamic flow pattern is developed in the dispersion of the catalyst particles and liquid 

reactants at sufficiently high RPM of the magnetic stirrer. At such high rates of mixing it is 

reasonable to assume a zero relative velocity between the catalyst particles and liquid reactants.  

For high mixing rates the external mass transfer resistance is negligible and there is no much 

effect in conversion of acetic acid beyond certain RPM as observed experimentally in batch 

reactors. 

 

Similarly liquid phase reaction of propanol with isobutene in the presence of Amberlyst 35 

catalyst was studied. Pressures up to 2 bar were also explored to examine its effect on reaction 

conversion. The Langmuir – Hinshelwood – Hougen – Watson (LHHW) and Eley – Rideal 

(ER) mechanisms were applied in obtaining the reaction rate equations [Titus et al., 2007]. 

 

 Liquid phase esterification of propionic acid with propanol over an ionic exchange resin 

catalyst Dowex 50WX8 – 400 was studied to obtain the kinetics. A high stirrer speed of 900 

RPM was used to exclude external mass transfer coefficient surrounding the catalyst particles. 

In addition to using ER type model activity coefficients were also used based UNIFAC models. 

Surface reaction was concluded as the rate controlling step [Ali et al., 2007]. 

 



8 
 

In another study tertiary amyl methyl ether (TAME) was synthesized by reacting methyl butane 

with methanol using a cation exchange resin D005II. In this study also the mechanism of LH 

and ER were adopted along with Wilson method for determining the activity coefficients [Mao 

et al., 2008]. 

 

For this liquid state reaction there will be two rate constants one for the forward reaction and 

another for reverse reaction or it is equivalent to specify forward reaction rate constant kf and 

equilibrium constant Ke. The reaction rate expression assuming it as elementary reaction is 

 

C D

A f A B

e

C C
-r =k C C -

K

 
 
 

                   (2.2) 

This is applicable for homogeneous reactions but for heterogeneous reactions due to diffusional 

limitation inside the catalyst particles. It is well established that Ke equals 4.95 for Indion 180, 

an anionic resin catalyst [JagadeeshBabu et al., 2011].  

 

Another research work on esterification of acetic acid with methanol over Amberlyst 36 as the 

porous solid catalyst has determined the Ke value as similar. The kinetic parameters determined 

were similar both for LHHW and ER models. It was found that equilibrium conversion for this 

reversible reaction was independent of temperature which implies that the reaction is neither 

exothermic nor endothermic [Tsai et al., 2011].  

 

The cationic resin catalyst particles mentioned in the above studies are spherical in shape and 

with a diameter in the range of 400 – 1000 µm. The catalyst particles are porous in nature and 

hence the reactant liquids ingress into the catalyst particles, react and produce products which 

have to diffuse outward. Due to high catalytic activity inside the pores, the value of kf will be 

higher inside the catalyst particle than in the surrounding bulk liquid. 

 

When certain number of catalyst particles are added to the reactant mixture as shown in Fig. 1 

(a), during stirring the particles are uniformly distributed in the liquid and hence each of the 

particle is surrounded by certain amount of liquid as shown in Fig. 1 (b).  

 

Therefore to obtain the kinetics of heterogeneous catalytic reaction, the phenomena of reaction 

and diffusion occurring in this single cell consisting of one spherical catalyst particle 
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surrounded by the liquid is sufficient for simulation purpose.  For this purpose it requires the 

expression for kf1 in the liquid phase and kf2 in the solid phase. If there is a data of conversion 

Vs time (XA Vs t) for a reaction then it was shown for pore diffusion model that the initial rate 

of conversion dXA/dt at time 0 is a linear function of catalyst loading wc (gm of catalyst/cc of 

liquid) as below [Mekala et al., 2013]. 

 

 

 

(a)                                                                               (b) 

Fig. 2.1 (a) Catalyst particles mixed in reactant product solution. (b) Catalyst particle 

surrounded by liquid. 

A
expt c A0 f1

dX
  =   β w  +  C k

dt
                  (2.3) 

Here CA0 is the initial concentration of A. Hence from a plot of dXA/dt vs wc will provide the 

value of kf1 from the intercept. Here kf1 is the rate constant on the liquid side. The slope βexpt is 

related to the rate constant inside the particle kf2 by the following relationship [Mekala et al., 

2013]. 

P

A2 A
sim 2

r=Rp p

3D C
β  

R ρ r

   
       

                   (2.4) 

Where A

A2

C
D *

r

 
 
 

 represents the inward flux of A into the catalyst particle at its surface. The 

concentration profile CA(r) in Eq. (2.5) is the solution to the following reaction-diffusion 

equation inside the catalyst particle. 
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 2A A

A2 f2 A B b2 C D2

C C1
  =   D r  - ε k C C -k C C

t r rr

   
 

   
                (2.5) 

It depends on the choice of kf2 value which in turn provides such that βexpt is matched. Given 

the possibilities of evaluating kf1 and kf2 at any temperature, the following three methods are 

delineated. 

Table 2.1 Description of model for evaluation of rate constants 

Type of Model kf1 kf2 

Model 1 

Particle Scale: Flux 

Continuity 

Macro Scale: Initial rate 

based on first two data of 

conversion 

 

From homogeneous 

kinetics without catalyst 

Adjust or optimize kf2 in Eq. 

(2.5) such that βsim from Eq. 

(2.4) averaged over first 15 

minutes matches with βexpt  

from Eq. (2.3). And with flux 

continuity at the surface of the 

catalyst particle implying that 

there exists concentration 

profile of A on both liquid and 

particle side.(experimental 

data is available for every 15 

minutes) 

Model 2 

Particle Scale: Dirichlet 

Condition 

Macro Scale: Initial rate 

based on curve fitting of 

conversion 

 

From intercept of Eq. 

(2.3) 

Adjust or optimize kf2 in Eq. 

(2.5) such that βsim from Eq. 

(2.4) evaluated at t=0 mathces 

with βexpt from Eq. (2.3). And 

with a assumption that the 

liquid side concentration of A 

is uniform (Dirichlet 

condition) is used as in 

Mekala et al. 2013 
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Model 3 

Particle Scale: Flux 

Continuity 

Macro Scale: Initial rate 

based on curve fitting of 

conversion 

 

From intercept of Eq. 

(2.3) 

Adjust or optimize kf2 in Eq. 

(2.5) such that βsim from Eq. 

(2.4) averaged over first 15 

minutes matches with βexpt 

from Eq. (2.3). And with flux 

continuity at the surface of the 

catalyst particle implying that 

there exists concentration 

profile of A on both liquid and 

particle side. 

 

2.2 Kinetics of esterification reaction 

Reaction kinetic constants obtained from lab-scale experiments help in designing of large-scale 

chemical reactors either in batch or in a flow mode. Generally, the reaction in a lab scale is 

conducted in a batch reactor. The data of concentration of a key reactant verses time is used to 

fit either first-order model or a second-order model and so on. For example, the first-order rate 

law can be –dCA/dt = kCA. Here k is the rate constant which is further expressed as k = 

k0*exp(−E/RT), where k0 is the pre-exponential factor and E is the activation energy in the 

Arrhenius form governing the reaction mechanism, R is the constant 8.314 J/gmol K, and T is 

the temperature of the reaction medium in K. To obtain k0 and E, first, the reaction is conducted 

at least three different temperatures and the data is used [Fogler, 1999; Levenspiel, 1972]. In 

that process, k can be determined either by differential approach or integral approach. 

Similarly, this methodology is applied for such irreversible second-order reactions as well as 

to reversible catalysed reactions.  

One example is that of esterification of acetic acid (A) with methanol (B) in the presence of a 

cationic resin catalyst leading to formation of methyl acetate (C) and water (D). [Banchero and 

Gozzelino, 2018; Tesser et al., 2005]. It was found in literature that the pseudo-homogenous 

rate law is expressed as Eq. (2.6) [JagadeeshBabu et al., 2011]: 

 

−
dCA

dt
= kfCACB − kbCCCD                      (2.6) 
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The assumption involved in Eq. (2.6) is that the reaction rate proceed according to elementary 

stoichiometry. Further kf and kb depend on temperature and catalyst concentration. This is the 

concept of pseudo homogenous model. 

 

If we incorporate the Arrhenius form of kf and kb in Eq. (2.6), then it becomes the following 

for 1:1 mole ratio of the reactants: 

 

−dCA

dt
= kf0

e
−Ef
RT CA

2 − kb0
e

−Eb
RT (CA0

− CA)2                      (2.7) 

 

2.3 Reactive Distillation-Experiments and Modelling 

Reaction followed by separation is the conventional approach to produce mainly synthetic 

organic compounds [Luyben et al., 2004]. It widely involves a batch reactor and a series of 

distillation columns. Reactions are of two types namely irreversible and reversible. For an 

irreversible reaction the conversion of reactants can reach up to 100% if waited for infinite time 

in principle. Whereas reversible reactions reach a constant conversion in spite of long reaction 

time. Reversible reactions such as esterification reaction can be experimentally investigated to 

obtain the kinetics and determine the required time to reach 90% conversion or above as a 

practical limit [Mekala et al., 2013].  

 

Batch Reactive Distillation (BRD) was studied for the system of acetic acid esterification with 

butanol to produce butyl acetate and water. Interestingly butyl acetate appears in distillate at 

higher mole fractions compared to other components although butyl acetate has the highest 

boiling point among the other components. This may be because the aqueous phase comes in 

the distillate. Batch reactor combined with a rectification column or distillation column 

conventionally termed as BRD has many advantages. The reaction in the reboiler is modeled 

using activity coefficients in place of concentrations as in Eq. (2.6). This system had the 

complication of aqueous and organic phases which were immiscible. The startup dynamics 

seems not captured detailed. The reaction is assumed to takes place in the reboiler only. The 

column is modeled as a number of theoretical stages at steady state [Venimadhavan et al., 

1999]. 
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In another study esterification of lactic acid with butanol was carried out to produce an ester 

butyl lactate and water. Here also organic and aqueous phases were found. The kinetic model 

was a simplified pseudo homogeneous expression where kf and kb of Eq. (2.6) were assumed 

to vary linearly with catalyst loading. Owing to this simplification the four kinetic parameters 

of Eq. (2.6) were estimated by ASPEN custom modeler. The reaction was assumed to occur in 

the liquid phase surrounding the catalyst. The experiment was carried out using continuous 

reactive distillation (CRD). A model for the distillation in the column was proposed to predict 

the distillate composition [Kumar and Mahajani, 2007]. 

 

A general heterogeneous reaction along with distillation similar to BRD was modeled using 

some assumptions such as reaction taking place in liquid phase of reboiler, negligible liquid 

hold up in the column. Selectivity of an intermediate product for the case of two step serial 

reaction was investigated by modeling. A non-dimensional parameter named Damköhler 

number representing the ratio of process time to reaction time was proposed and used as a 

characteristic number to determine selectivity. It was shown that the selectivity increases with 

decrease in Damköhler number. It lead to an optimum reflux ratio to yield highest possible 

concentration of intermediate product [Qi and Malone, 2010].  

 

McCabe-Thiele method was proposed as a simpler approach to model rectification in BRD. 

The concept of reactive difference points was introduced to account for reaction in the liquid 

phase of column in combination with equilibrium stages. Both batch and continuous operations 

were modeled [Huerta-Garrido et al., 2004].  

 

As a process intensification approach the applicable domain in the space of reflux ratio and 

number of stages was arrived at for conducting reactive distillation to recover the desirable 

product based on their individual boiling points and mixture properties [Muthia et al., 2018].  

 

The principle of BRD is that if the product mixture in the reboiler is evaporated or distilled 

then lighter components will more present in the distillate and thereby provide a synergistic 

effect of reactor and distillation column in one unit process. Unlike reactive distillation by 

liquid catalyst [Agreda and Partin, 1984] this advantage of BRD is further enhanced if a solid 

catalyst is used for the reaction.  
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Esterification of acetic acid with methanol in the presence of solid cationic resin is a good 

example for study of BRD [Popken et al., 2000]. Catalyst loaded columns were also used for 

continuous reactive distillation [Gorak and Hoffmann, 2001; Taylor and Krishna, 2000]. It was 

reported that for above esterification reaction the mole fraction of methyl acetate the product 

in the batch reactor was 0.3 approximately. Hence to recover this methyl acetate the product 

mixture has to be distilled into four components namely methyl acetate, water, methanol and 

acetic acid. It happens that methyl acetate the product has the least boiling point among the 

four components. Hence if a rectification column is provided above the reboiler then the 

product the methyl acetate can be collected as distillate at the top of the column.  

The kinetics of acetic acid esterification with methanol is available in literature for homogenous 

catalyst [Ronnback et al., 1997] and for solid catalyst [Patan et al., 2018]. It indicates that this 

esterification reaction is only mildly exothermic and the rate constants are available for the 

range of 40 0C- 70 0C.  

 

2.4 Evaporation Rate Based Simulation of Distillation 

Modeling of a distillation process with all its complexity is a challenging area of science and 

engineering [Taylor et al., 2003]. Yet because of the wide application of distillation in 

separating and purifying of organic liquids in particular there is a need for a reliable model. 

Also with the contemporary application of process control for achieving high degree of 

separation in distillation apparatus it requires a model amenable for real time computation 

which helps in suitable selection of controller type and their parameters settings [Mutalib and 

Smith, 1998]. Keeping in view the above design considerations and development of control 

strategies, the equilibrium models are often considered as deficient [Ramesh et al., 2007]. 

Alternately rate based model requires a distributed parameter model approach [Ivo and Eugeny, 

2007]. In principle rate based model can be implemented if the values of evaporation rate 

constants and the activity coefficients are available for a component liquid in a mixture at both 

sub and super-heated condition relative to its boiling points. If the rate based model is 

successful for steady state prediction of a packed column performance then it can be extended 

to variants such as reactive distillation and divided column processes for efficient design of 

such equipment [Taylor and Krishna, 2000; Jianjun et al., 2002].  
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Although steady state simulations can predict the distillate composition accurately, it still 

remains perplexing about the start of a packed bed distillation column. This is because as the 

reboiler contents are heated the generated vapor moves upward due to buoyancy in the voids 

of the packed column. As the vapor is passing upwards a portion of it condenses and trickles 

down along the packing. It is difficult to establish whether the packing surface area can be 

taken as equal to the actual interfacial area between vapor and liquid. So, there is some finite 

start up time required for establishment of hydro dynamically developed vapor and liquid flows 

in the packed column. In addition to this thermal steady state also takes some more time for 

composition in the distillate to reach a steady state value in the case of a batch with total reflux 

or a continuously fed column. In principle a rate based model also has to incorporate material 

and energy balance along with interfacial evaporation models [Higler et al., 1999; Dhole and 

Linnhoff, 1993; Silva et al., 2003]. A multi component distillation in a batch column was 

modelled assuming mass transfer resistance on both liquid and vapor phase with Maxwell – 

Stefan equations [Kreul et al., 1999]. The rate based model was applied to a tray column with 

assumption of completely mixed liquid phase and plug flow for vapor phase. The error in 

prediction was found more for higher heat input rates [Alopaeus and Aittamaa, 2000]. It was 

found that the dynamic rate based model needs simplification in order to carry out the 

computation. Mass transfer coefficients were suggested to be taken as constants for reasonable 

accuracy in prediction [Peng et al., 2003]. The rate based model was applied to a tray column 

for a ternary system. It was further used in economic analysis for finding optimum reflux ratio 

[Mortaheb and Kasuge, 2004]. The rate based model was applied for a ternary system in a 

dividing wall distillation column for a reactive system with pseudo homogeneous kinetics 

[Mueller and Kenig, 2007]. 

 

2.5 Gaps Identified in Literature 

In literature there is an assumption of quasi steady state in simulating the dynamics of 

concentration profile inside the catalyst particle [Mekala et al., 2013]. The liquid side was 

assumed to be well stirred and hence a uniform concentration was attributed to all the species. 

This forms a Dirichlet boundary condition instead of flux continuity which is addressed in the 

present work.  
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There are certain issues or gaps of obtaining rate constants from three experiments conducted 

at different temperatures using pseudo homogeneous model as usually stated in the literature 

[Jagadeesh babu et al., 2011]. For example at a temperature of 353 K it is difficult to mix acetic 

acid and methanol in liquid form since methanol would be a vapor at this temperature. Also 

the reactants have to be pre-heated to the desired temperature before the mixing to conduct an 

isothermal reaction. Moreover a controller for heat input to the reactor is necessary if it is an 

endothermic reaction or if there are heats of mixing between the newly formed products and 

the reactants. Therefore it may be a difficult proposition to claim a perfect isothermal reaction 

data. Hence an alternative to this is proposed in this work that is to provide a step heat input 

rate to a batch reactor in which the reactants start at room temperature. With the supply of heat 

there will be temperature dynamics as well as concentration dynamics. But if both temperature 

verses time and concentration verses time are gathered then that data can be used to optimally 

determine the four unknown constants of kinetics (𝑘𝑓0
, Ef, 𝑘𝑏0

, Eb) from use of Eq. (2.4) by 

latest optimization tool set such as  genetic algorithm in MATLAB.  

 

The gap addressed in this work is to determine the mass transfer coefficient correlations from 

suitable experiments and use for rate based modeling of distillation and further validation. In 

this work a batch distillation apparatus consisting of a reboiler, packed column and a condenser 

is fabricated and used. A binary system of non-reacting liquids and non-azeotropic liquids is 

chosen and its separation into higher light component in the distillate is studied experimentally 

and also modeled and simulated using a rate based model approach. Certain assumptions are 

made in order to make the set of equations solvable. Lab scale experiments were conducted to 

determine the evaporation mass transfer coefficients of the component liquids in pure form as 

well as in mixture. Unlike the constant temperature in the reboiler, a constant heat input is 

applied in order to analyze the performance of the above distillation column with respect to 

distillate composition, variation of composition along the height of the column. Also the 

transient of temperature in the reboiler and the time for onset of distillate are obtained 

experimentally. The model prediction of distillate composition is validated against the 

experimental data which is found to be good.  
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The gaps identified in literature and that were addressed are: (1) packed bed rectification 

column (2) detailed capture of start-up dynamics (3) jacketed rectification column with hot 

water circulation (4) constant heat input to the reboiler. In the present work, the preliminary 

experiments on BRD show that it takes a while for distillate to start as also observed for other 

applications in literature (Peng et al. 2010; Yang et al. 2007; Xu, Afacan, and Chuang 

1999).This is because the vapour generated in the reboiler has to heat up the packing and the 

walls of the column before reaching the condenser and forming the distillate. As a novelty the 

column in present experiments is provided with a jacket through which hot water can be 

supplied at a desired value in the range of 40 0C- 60 0C. Use of jacketed reboiler was also 

reported in literature (Jana and Maiti 2013). The purpose of such operating condition as wall 

heating is to decrease the time for onset of distillate. Alternately the high heat input rate to the 

reboiler can also be used to achieve the same. But due to coupled phenomena of reaction 

kinetics and distillation dynamics there may be some optimal combination of heat input rate to 

the reboiler and the wall temperature of column to obtain high purity of methyl acetate the 

product in distillate as well as high throughput unlike the temperature controlled BRD 

(Sørensen and Skogestad 1994). The reflux ratio in the top condenser is maintained as infinity 

implying that entire distillate is circulated back to the column unlike in literature (Kim, Hong, 

and Wozny 2002). Total reflux was chosen because it gives the highest possible purity of the 

lighter component in distillate.  
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 Objectives of the Study 

1. To evaluate the parameters of pore diffusion model of heterogeneous catalysis at particle 

scale with various types of boundary conditions at particle-liquid interface: It helps to 

obtain appropriate values of kinetic constants and parameters 

2. To determine kinetic constants of a heterogeneously catalyzed reversible reaction from 

dynamics in a batch reactor with constant heat input rate: It is to be explored whether non-

isothermal data can lead to the estimation of kinetic constants based on pseudo 

homogenous reaction rate models. 

3. To develop and validate evaporation rate based model for binary non reacting mixture in 

a packed distillation column for steady state condition with total reflux: A case study will 

be taken up to develop a model and compare it with experimental results regarding the 

distillate composition.  

4. To study experimentally the effect of wall heating on various characteristics such as 

distillate composition, onset of distillate, time to reach bubble point in reboiler and product 

purity in distillate in a batch reactive distillation (BRD): The start-up dynamics will be 

obtained to understand the role of various innovating operations such as wall heating on 

the onset of distillate and its purity. 

5. To develop and validate the model and simulation using rate based approach for four 

component Reactive Distillation (RD) system i.e., catalytic esterification of acetic acid 

with methanol leading to methyl acetate and water formation in a batch reactor/reboiler 

mounted with a packed bed distillation column and total reflux at the top: A novel constant 

heat input rate method will be applied on this system where solid catalyst like INDION 

180 and 190 are utilised. Composition profiles along the column will also be applied.  
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 Experimental Studies  

4.1 Materials and Methods 

Esterification of acetic acid with methanol is chosen as the reaction system for the present 

study. In particular this reaction is studied under the effect of cationic solid resin catalyst such 

as INDION 190 available commercially. The catalytic esterification reaction goes as 

CH3COOH + CH3OH  CH3COOCH3  + H2O in liquid state. The catalyst specifications of 

INDION 180 and INDION 190 are tabulated in Table 4.1. 

 

Table 4.1 Physical properties of INDION 180 and Indion 190 catalysts. 

Physical Property INDION 190 INDION 180 

Manufacturer Ion Exchange India Limited Ion Exchange India Limited 

Shape Beads Beads 

Physical Form Opaque, faint dark grey 

coloured 

Opaque, faint dark grey 

coloured 

Size (µm) 725 725 

Apparent Bulk Density 

(g/cm3) 
0.55-0.60 0.55-0.60 

Surface area (m2/g) 28-32 28-32 

Pore Volume (ml/g) 0.32-0.38 0.32-0.38 

Max Operating 

Temperature (0C) 
150 150 

Hydrogen ion capacity 

(meq/g) 
4.7 5.0 

Matrix Type Styrene – DVB Styrene – DVB 

pH range 0-7 0-7 

Resin type Macro porous strong acidic Macro porous strong acidic 

Functional group −SO3
− −SO3

− 

Ionic group H+ H+ 
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The experimental apparatus used for present study is shown with Fig. 4.1 (a) and Fig. 4.1 (b).  

 

            

                                       (a)                                                   (b) 

Fig. 4.1 (a) Schematic experimental apparatus for study of kinetics (b) Schematic 

representation of the experimental apparatus used in this study for BRD. 

 

T 

Distillate Sample 
Port 
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The apparatus for batch reaction kinetics as in Fig. 4.1 (a) consists of a one litre spherical glass 

reactor (3-neck round bottom flask) surrounded by a heating mantle and magnetic stirrer plate 

at the bottom. A condenser with cold water supply at 25 0C is provided on top so that the 

vapours are immediately condensed back to the reactor. A PT-100 temperature sensor is also 

used with 0.1 oC accuracy to monitor the temperature of the reaction mixture in reboiler. The 

heat input rate to the reactor can be calculated from the product of voltage supplied and the 

resulting current of the heater from the measurement with the help of digital voltmeter and 

ammeter. A magnetic stirrer is present inside the reaction mixture to enable complete mixing 

of liquids and catalyst particles. The mantle heater is placed over magnetic plate for rotating 

the magnetic stirrer. 

 

The apparatus is as in Fig. 4.1 (b) for Batch Reactive Distillation (BRD) studies consists of a 

reboiler surrounded by kettle heater cum a packed column placed above it with provision for 

circulating hot water in the jacket. At the top a condenser is provided with closed top and 

circulating coolant water at sufficient flow rate to have complete condensation. The reboiler is 

fitted with a PT-100 temperature sensor. The electric heater is provided with a voltage variac 

so that the heat input rate can be adjusted to a desired value in terms of watts which can be 

calculated from the product of voltage and current passing through the electric heater. An 

external hot water bath is available to provide hot circulating water to the jacket of the column. 

The reboiler is a round bottom flask with three neck openings and made of borosil glass. The 

column is also made of borosil glass with inner diameter of 5 cm and height of 50 cm with 

packing as raschig rings of about 1 cm hollow cylinders which are made of glass. A perforated 

plate is provided at the bottom of the column to avoid slippage of packing. At the top of the 

column suitable glass tube loop is provided so that the vapor goes up into the condenser, gets 

condensed and passes downward past the two way valve and back into the column. The two 

way valve is kept in closed condition to have total reflux implying that entire condensate is 

refluxed back to the column. Only a couple of millilitres (2 ml) of distillate was collected from 

the sample port of reflux at steady state. The entire apparatus is ensured to have leak proof for 

vapors. 

 

The experimental procedure for BRD is as follows:  Both reactants acetic acid and methanol 

of 2.5 moles each are poured into the reboiler. Catalyst at a loading of 0.025 g/ml is added. 

Immediately the variac of electric heater is set to a desired voltage and this marks the beginning 

of the reaction (time=0). The temperature of the reboiler contents are recorded for every 2 0C 



24 
 

rise in temperature from the digital display with 0.1 0C precision. The column outer surface 

can be provided with three different boundary conditions (1) Hot water circulating along the 

jacket. (2) Without any hot water and with air filling the jacket space and outermost glass 

surface of the jacket open to ambient air. (3) Similar condition as in (2) but the outermost 

surface is covered with insulating cotton. The heating is continued throughout the experiment 

at constant rate. When the temperature increases in the reboiler it was found that vapor raises 

and its condensate is also visible in the column. After certain time the vapor enters the top 

condenser and the condensate flows down back to the column. The time taken for the first 

distillate drop to form at the condenser and filling the sample port is recorded as the time for 

onset of distillate. Form this point of time another 20-30 minutes of heating the reboiler is 

continued so that the thermal equilibrium or bubble point is reached in the reboiler as well as 

constant distillate flow is observed at the top of the column. A sample is collected from the 

distillate and stored. In some experimental runs a sample is taken from the reboiler. The 

operating conditions varied are heat input rates as 50 W,100 W and 150 W approximately. 

Another variable operating condition is the nature of boundary conditions applied for the 

column (three different wall temperatures), only air and only air with insulation. The resulting 

temperature verses time dynamics for a wall temperature of 50 0C with different heat inputs is 

also presented in Fig. 4.9. The same procedure was used for conducting distillation of binary 

non – reacting mixture of benzene and toluene. The composition of the distillate is analysed 

using gas chromatography (GC). The make and model of the GC were YL 6500 South Korea. 

There are fifteen samples of distillate to be analysed for methyl acetate. A couple of samples 

from the reboiler at the end of experiments are also analysed to evaluate the reaction 

equilibrium constant as a validation or check. 

 

4.2 Kinetics from non-isothermal reaction 

The schematic of the experimental set-up is shown in Figure 1. It consists of a spherical glass 

reactor surrounded by a heating mantle and magnetic stirrer plate at the bottom. A condenser is 

provided so that the vapours are immediately condensed back to the reactor. A PT-100 temperature 

sensor is also used with 0.1°C accuracy to monitor the temperature of the reaction mixture. The heat 

input rate to the reactor can be calculated from the product of voltage supplied and the resulting 

current of the heater with the help of digital voltmeter and ammeter. A magnetic stirrer is present 

inside the reactor to enable complete mixing. 
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Initially, 200 ml of methanol is added to the reactor vessel. This corresponds to 4.95 gmol of 

methanol. Then 283 ml of acetic acid is added to methanol such that the number of moles of 

acetic acid is also 4.95 gmol. As per the literature recommendation, 12.075 g of catalyst in the 

form of INDION 190, a cationic resin catalyst in the form of fine particles, is added. With the 

help of a stopwatch, the time is recorded and the temperature is also recorded frequently. For 

every 5°C rise in temperature, a 2 ml sample is withdrawn and titrated against 1 N NaOH 

solution to obtain the concentration of acetic acid from a further simple calculation. NAVA = 

NNaOHVNaOH, where NA is the normality or concentration of acetic acid, VA = 2 ml, NNaOH = 1 

gmol/l and VNaOH is the volume of titrant in millilitres. Phenolphthalein is used as indicator 

which turns from colourless to pale pink upon completion of titration or complete neutralisation 

of acetic acid. 

 

The obtained temperature and concentration dynamics for two different heat input rates of 32 

W and 50 W are shown in Fig. 4.2 and Fig. 4.3 . The concentration of acetic acid is on right y-

axis and reactor temperature is on left y-axis. Time is represented on the x-axis. 

 

 

 

            
    Fig. 4.2 Experimental temperature and concentration dynamics in reactor for 32 W. 
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  Fig. 4.3 Experimental temperature and concentration dynamics in reactor for 50 W. 

 

4.3 Distillation of non-reacting binary mixture 

The present chosen system involves four components out of which two are reactants and two 

other are products of esterification. Since there would be combined effect of distillation and 

reaction, it was planned to develop rate based model first for binary non-reacting system. The 

chosen binary system is a mixture of benzene-toluene. The applicability of rate based model 

for packed bed distillation can be validated with more rigor for a non-reacting mixture. The 

reason is that ∆HR (heat of reaction) and other effects like azeotrope formation at or near 

atmospheric pressure are not there for benzene-toluene mixture.  

 

It is intended to start with an equimolar mixture if benzene and toluene and obtain higher 

benzene fractions which is the lighter component at the top of the column. The apparatus is a 

batch packed column with reflux facility. In the first part of the experimental study the 

evaporation rate constants of benzene and toluene are obtained. In the second part of the 

experimental study the dynamics of reboiler temperature and steady state distillate composition 
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measure the refractive index of benzene-toluene mixtures and the corresponding composition 

of any sample is determined using a pre-calibrated chart. 

 

4.3.1 Determination of evaporation rate constants 

When a mixture of two completely miscible liquids is heated at an infinitesimally small rate 

then the mixture reaches its bubble point or boiling point in case of pure liquids at steady state. 

At this bubble point the temperature remains constant for a small evaporated quantity. The 

procedure adopted is that a clean empty beaker of 50 ml volume filled with a mixture of 

benzene and toluene is kept on a hot plate until a steady state temperature is reached. The 

schematic of this experiment is shown in Fig. 4.4. 

 

Vapour

Temperature 
Indicator

Liquid

Hot Plate

Heater Stirrer

Liquid

 

Fig. 4.4 Schematic of a heated beaker used to evaluate the evaporation rate of a liquid. 

 

At this juncture the beaker is shifted onto a digital weighing balance with an accuracy of 1 mg. 

the time taken for one gram loss in weight of the beaker containing the liquid mixture is noted. 

This data is tabulated in Table 4.1.  
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Table 4.2 Experimental data pertaining to the evaporation of benzene-toluene mixture.  

Benzene 

Volume 

(ml) 

Toluene 

Volume 

(ml) 

Bubble Point 

Temperature 

(oC) 

Time taken for 

one gram loss 

at Bubble Point 

(s) 

50 0 81.2 27.2 

40 10 83.5 25.4 

30 20 90.4 22.8 

20 30 95.5 22.5 

10 40 103.2 24.9 

0 50 110.3 26 

 

Let the components be labelled as benzene (A) and toluene (B). To calculate the evaporation 

mass transfer coefficients of benzene (KA) and toluene (KB) the following equations are used 

similar to the evaporation of pure liquids [Himus and Hinchley, 1924]. 

 

Evaporation flux of benzene (A) = KA. Ac. ac . (xA. pA
sat − yA. pt)               4.1(a) 

Evaporation flux of toluene (B) =  KB . Ac. ac. (xB. pB
sat − yB. pt)

                
         4.1(b)   

  

Where, 

xA is mole fraction of component ‘A’ in liquid phase 

yA is mole fraction of component ‘A’ in vapor phase  

KA is mass transfer coefficient of component ‘A’ (gmol/m2.atm.s) 

pA
sat is saturated vapor pressure of component ‘A’ (atm) 

xB is mole fraction of component ‘B’ in liquid phase  

yB is mole fraction of component ‘B’ in vapor phase  

KB is mass transfer coefficient of component ‘B’ (gmol/m2.atm.s) 

pB
sat is saturated vapor pressure of component ‘B’ (atm) 

pt is Total pressure or atmospheric pressure (atm) 
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In the above equations Eq. 4.1(a) and Eq. 4.1(b) the mole fractions yA and yB of the evaporating 

liquids in air are assumed negligible and that the mole fractions in the liquid are assumed same 

as the starting mixture compositions. The evaporation flux in kg/m2.atm of A and B are 

evaluated using the following formula. 

 

Evaporation flux = 
∆m

∆t

1

Ac,bMW
               4.2(a) 

Where, 

∆m = mass of evaporated liquid (g) 

∆t = time of evaporation (s) 

Ac,b = cross sectional area of the beaker (m2) 

MW = molecular weight of liquid (g/gmol) 

By substituting the result of Eq. 4.2(a) in Eq. 4.1(a) and Eq. 4.1(b) the corresponding 

evaporation mass transfer coefficients are obtained and plotted in Fig. 4.5 and Fig. 4.6. The 

pA
sat and pB

sat are the saturation vapor pressures of A & B evaluated using Antoine equation. 

 

pA
sat = 10

(4.02232−
1206.53

220.291+𝑇
)
                                  4.2(b) 

pB
sat = 10

(4.0854−
1348.77

219.976+𝑇
)
                                  4.2(c) 

Here vapour pressure unit is atm and temperature is in 0C 

 

 

   Fig. 4.5 Evaporation mass transfer coefficients of benzene (A) at various 

temperatures. 
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Fig. 4.6 Evaporation mass transfer coefficients of toluene (B) at various 

temperatures. 

 

It can be observed from Fig. 4.5 that KA exhibits three different slopes for the entire temperature 

range of applicability to distillation as such the fitted linear expressions for KA vs T are as given 

below in Eq. 4.3(a), Eq. 4.3(b) and Eq. 4.3(c). 

 

KA = 0.0025*T + 0.0578 for T<68C                                    4.3(a) 

KA = 0.009*T – 0.4961 for 68C <T<81.2C      4.3(b) 

KA = -0.005*T+0.6443 for T>81.2C          4.3(c) 

 

Whereas the expression obtained for KB vs T from Fig. 4.6 is of power law model type as given 

below in Eq. (4.4) with T in 0C 

 

KB = 1.5339*10-11*T5.0844         (4.4) 

 

The regression R-square value for all the above fits were very close to 1 which indicates a good 

fit. For benzene the boiling point is 81.2 C where as that of toluene is 110.3 C. Hence as we 

heat a mixture of benzene-toluene at some point of temperature the benzene is in superheated 

state thereby increasing pA
sat by large factor exponentially. Hence, when mass transfer 

coefficient KA is calculated from Eq. 4.1(a), the magnitude of it drops below that of its value 

at its normal boiling point since the evaporation flux increases slowly. Therefore, there is a 
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maximum in mass transfer coefficient of benzene at 81.2 0C in the given range of temperatures 

i.e., 50 C – 110 C approximately. 

 

4.3.2 Batch distillation under total reflux 

 Experiments were carried out on binary mixture of benzene and toluene at various reboiler 

heat input rates. The experimental apparatus used is shown schematically in Fig. 4.1(b). It 

consists of a round bottom flask of one-liter capacity surrounded with an electric heater. A 

temperature probe of PT-100 type is provided in the reboiler with a digital display to record 

the temperature manually. The heater power can be varied by changing the applied voltage 

with the help of a variac. An ammeter is provided to display the current passing through the 

heater. By taking the product of applied voltage and current the power input is calculated. A 

packed column of 0.5m height is provided on the top of the round bottom flask. The packing 

was made of raschig rings of approximately 1 cm size. Both the packing and the column wall 

are made of the glass. The top of the column is connected to a vertical condenser with a three-

way valve and recycle tubing. The coolant water is available at room temperature of 30 0C 

which is circulated in the vertical condenser at a moderate flow rate so that there are very less 

vapor losses.  

 

For all the experimental runs a mixture of 0.5 mole of benzene and 0.5 mole of toluene is added 

to the reboiler. It gives a volume of 450 ml. The heater is set to a certain applied voltage with 

the help of variac. The recorded voltage, current and calculated power are tabulated in Table 

4.2 for three runs. 

 

Table 4.3 Experimental data at steady state. 

Run No Voltage (Volts) Current (Amp) Power (Watts) 

1 104 0.503 52.3 

2 144 0.7 100.8 

3 175 0.853 149.2 
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The temperature indicated by a sensor for the reboiler liquid is noted at regular time intervals. 

Actually the time is noted for every 1 0C rise in temperature. The obtained temperature 

dynamics are plotted in Fig. 4.7. It can be observed that there is an initial ramp owing to 

sensible heat supplied to the liquid. This ramp time decreases as the heat supply rate is 

increased. The time to reach the steady state or bubble point temperature (94.2 0C for 0.5 mole 

fraction of benzene) is noted and plotted in Fig. 4.8. The distillate doesn’t appear or formed 

immediately as the bubble point is reached. It was observed that the hot vapor keeps moving 

up in the column at a slower rate than the temperature ramp rate of the reboiler liquid. This is 

because the hot vapor losses heat owing to the sensible heat required for heating the packing 

and the glass wall for the column. The time at which the first droplet of distillate appeared was 

also noted as the time of onset of distillation and it is plotted in Fig. 4.9 for various heat input 

rates. 

 

 

Fig. 4.7 Experimental temperature dynamics for three different heat inputs to the 

reboiler for mixture of benzene-toluene with a mole fraction of 0.5. 
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Fig. 4.8 Experimental time to reach the bubble point for three heat inputs to the 

reboiler. 

 

 

Fig. 4.9 Time for onset of distillation for three heat inputs to the reboiler. 
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The distillate composition was measured using a digital refractometer and pre-calibrated data 

is presented in Table 4.4 and as a chart in Fig. 4.10.  

 

                           Table 4.4 Refractive index of a benzene-toluene mixture 

Volume fraction of 

benzene (A) 

Volume fraction 

of toluene (B) 
Refractive Index (R.I.) at 30 C 

1 0 1.4963 

0.8 0.2 1.4958 

0.6 0.4 1.495 

0.4 0.6 1.4942 

0.2 0.8 1.493 

0 1 1.4919 

 

 

 

Fig. 4.10 Calibration chart of Refractive Index vs mole fraction of benzene in benzene-

toluene mixture at temperature of 30 0C. 
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The measured distillate composition in terms of the mole fraction of benzene is plotted for 

three different heat inputs in Fig. 4.11.  

 

Fig. 4.11 Experimental distillate composition of benzene for three heat inputs to the 

reboiler at total reflux. 

 

It can be observed from Fig. 4.11 that the distillate purity of benzene is highest for lowest heat 

input rate. Also the distillate composition seems to decrease monotonically with the applied a 

heat input rate to the reboiler. Qualitatively lower heat inputs have lower vapor and liquid flow 

rates leading to high contact residence time in the column giving higher rectification. This 

particular aspect will be predicted by a steady state rate based model in the chapters 5 & 6. 

 

4.4 Batch reactive distillation - Esterification of Acetic Acid 

Esterification of acetic acid with methanol is chosen as the reactive system for the present 

study. In particular this reaction is studied under the effect of cationic solid resin catalyst such 

as INDION 190. The kinetics of the above reversible reaction is documented in the literature 

[Mekala et al., 2013; Patan et al., 2018]. It was reported that the equilibrium constant based on 

molecular order of the reaction rate is Ke=5.0 approximately. This reaction is known to have 
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CH3COOH + CH3OH  CH3COOCH3  + H2O in liquid state. The experimental apparatus 

used for present study is shown in Fig. 4.1(b). It consists of a reboiler surrounded by kettle 

heater cum a packed column placed above it with provision for circulating hot water in the 

jacket. At the top a condenser is provided with closed top and circulating coolant water at 

sufficient flow rate to have complete condensation. The reboiler is fitted with a PT-100 

temperature sensor. The electric heater is provided with a voltage variac so that the heat input 

rate can be adjusted to a desired value in terms of watts which can be calculated from the 

product of voltage and current passing through the electric heater. An external hot water bath 

is available to provide hot circulating water to the jacket of the column. The reboiler is a round 

bottom flask with three neck openings and made of borosil glass. The column is also made of 

borosil glass with inner diameter of 5 cm and height of 50 cm with packing as raschig rings of 

about 1 cm hollow cylinders which are made of glass. A perforated plate is provided at the 

bottom of the column to avoid slippage of packing. At the top of the column suitable glass tube 

loop is provided so that the vapor goes up into the condenser, gets condensed and passes 

downward past the two way valve and back into the column. The two way valve is kept in 

closed condition to have total reflux implying that entire condensate is refluxed back to the 

column. Only a couple of milliliters of distillate is collected from the sample port at steady 

state. The entire apparatus is ensured to have leak proof.  

 

Both the reactants acetic acid and methanol of 2.5 moles each are poured into the reboiler. 

Catalyst at a loading of 0.025 g/ml is added. Immediately the variac of electric heater is set to 

a desired voltage and this marks the beginning of the reaction (time=0). The temperature of the 

reboiler contents are recorded for every 2 0C rise in temperature from the digital display with 

0.1 0C precision. The column outer surface can be provided with three different boundary 

conditions (1) Hot water circulating along the jacket. (2) Without any hot water and with air 

filling the jacket space and outermost glass surface of the jacket open to ambient air. (3) Similar 

condition as in (2) but the outermost surface is covered with insulating cotton. The heating is 

continued throughout the experiment at constant rate. When the temperature increases in the 

reboiler it was found that vapor raises and its condensate is also visible in the column. After 

certain time the vapor enters the top condenser and the condensate flows down back to the 

column. The time taken for the first distillate drop to form at the condenser and filling the 

sample port is recorded as the time for onset of distillate. Form this point of time another 20-

30 minutes of heating the reboiler is continued so that the thermal equilibrium or bubble point 

is reached in the reboiler as well as constant distillate flow is observed at the recycle portion of 
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the column. A sample is collected from the distillate and stored. In some experimental runs a 

sample is taken from the reboiler. The operating conditions varied are heat input rates as 50 

W,100 W and 150 W. Another variable operating condition is the nature of boundary 

conditions applied for the column (three different wall temperatures), only air and only air with 

insulation. The resulting temperature verses time dynamics are presented in Table 4.15 to Table 

4.19.  

 

The composition of the distillate is analyzed using gas chromatography (GC). The make and 

model of the GC were YL 6500 South Korea. A method is created in the GC’s computer 

software so that the peaks of methyl acetate and methanol are obtained clearly and that they 

are eluted completely. A little more residence time is also provided to obtain acetic acid peak 

although it may be present in traces only in the distillate. The water found in the reboiler also 

reaches the distillate in traces amount. Since the GC column is hydrophilic water peak is not 

observed but its percentage can be evaluated for reboiler mixture from stoichiometric principle 

applied to the acetic acid liquid. The obtained peak area percentages for the distillate are 

directly proportional to the weight percentages of all the components. Thus there are fifteen 

samples of distillate to be analyzed for methyl acetate. A couple of samples from the reboiler 

at the end of experiments are also analyzed to evaluate the reaction equilibrium constant as a 

validation or check. A sample GC graph is shown in Fig. 4.12 for reboiler mixture and Fig. 

4.13 for distillate sample. 
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Fig. 4.12 GC peaks obtained for reboiler mixture at steady state (100 W and 50 0C wall 

temperature). The four peaks in sequence are for methanol, methyl acetate, water and 

acetic acid. 

 

 

 

Fig. 4.13 GC peaks obtained for distillate at steady state (100 W and 50 0C wall 

temperature). The peaks in sequence are of methanol and methyl acetate. 
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Table 4.5 Experimental observations for 50 W and Insulated column. 

 

Time, s TR, 0C 

0 27.9 

91 29 

126 30 

185 32 

236 34 

285 36 

332 38 

378 40 

424 42 

466 44 

510 46 

554 48 

599 50 

641 52 

711 55 

734 56 

793 58 

832 60 

882 62 

936 64 

993 66 

1053 68 

1122 70 

1204 72 

1233 72.5 

1269 73 

1320 73.4 

1380 73.2 

1440 72.9 

1500 72.7 

Time, s TR, 0C 

1560 72.4 

1680 72.1 

1800 71.7 

1920 71.4 

2040 71.2 

2160 71 

2294* 70.4 

2400 70.3 

2520 70.1 

2640 69.7 

2760 69.5 

2880 69.3 

3000 69 

3120 68.8 

3240 68.7 

3360 68.5 

3480 68.4 

3600 68.4 

3720 69.4 

3840 69.1 

3960 68.1 

4080 68.8 

4200 68.8 

4320 68.8 

4440 68.6 

4560 68.6 

4680 68.6 

4800 68.6 

4920 68.6 

*Onset of Distillate 

Hot Water  temperature on the jacket side of the column: Insulated Wall 

Voltage Input to Heater  =                100  Volts              Power Input to Heater 

              P = V*I   =   50 Watt Current Input to Heater  =                 0.5 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.6 Experimental observations for 100 W and Insulated column. 

 

Time, s TR, 0C 

0 28.1 

67 29 

92 30 

128 32 

156 34 

183 36 

207 38 

230 40 

253 42 

275 44 

296 46 

317 48 

338 50 

358 52 

378 54 

398 56 

419 58 

441 60 

460 62 

481 64 

503 66 

525 68 

547 70 

559 71 

572 72 

589 73 

605 74 

623 75 

Time, s TR, 0C 

643 76 

690 76.3 

720 76.1 

780 75.7 

840 75.3 

960 74.7 

1040* 74.4 

1080 74.1 

1200 73.4 

1320 72.5 

1440 71.9 

1560 71.3 

1680 70.8 

1800 70.4 

1920 70 

2040 69.6 

2160 69.2 

2280 69 

2340 68.9 

2400 68.8 

2520 68.5 

2580 68.4 

2640 68.3 

2700 68.2 

2760 68.1 

2880 68 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column: Insulated Wall 

Voltage Input to Heater  =  150  Volts              Power Input to Heater 

              P = V*I   =   100 Watt Current Input to Heater  =   0.667 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.7 Experimental observations for 150 W and Insulated column. 

 

Time, s TR, 0C 

0 28.6 

75 30 

100 32 

120 34 

137 36 

153 38 

169 40 

182 42 

194 44 

209 46 

222 48 

235 50 

247 52 

260 54 

272 56 

285 58 

298 60 

309 62 

322 64 

333 66 

346 68 

358 70 

Time, s TR, 0C 

370 72 

384 74 

400 76 

448 77.7 

480 77.6 

540 77.2 

595* 76.8 

690 76 

780 75.4 

840 75.2 

900 74.8 

960 74.5 

1080 74 

1200 73.6 

1320 73.5 

1440 73.3 

1560 73.2 

1680 73.2 

1800 73.2 

1920 73.3 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column: Insulated Wall 

Voltage Input to Heater  =  200  Volts              Power Input to Heater 

              P = V*I   =   150 Watt Current Input to Heater  =   0.75 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.8 Experimental observations for 50 W and column at Room Temperature. 

 

Time, s TR, 0C 

0 26.4 

117 28 

182 30 

239 32 

290 34 

340 36 

387 38 

437 40 

483 42 

532 44 

578 46 

626 48 

674 50 

721 52 

772 54 

825 56 

880 58 

941 60 

1001 62 

1067 64 

1144 66 

1227 68 

1337 70 

1401 71 

1560 71.7 

1680 71.3 

1800 70.5 

1980 70 

2040 69.8 

2220 69.2 

2280 69.1 

Time, s TR, 0C 

2400 68.8 

2520 68.5 

2640 68.2 

2760 67 

2880 67.8 

3000 67.7 

3120 67.5 

3240 67.3 

3360 67.2 

3480 67.1 

3600 67 

3720 66.8 

3840 66.7 

3960 66.7 

4080 66.5 

4200 66.4 

4320 66.3 

4440 66.1 

4680 66 

4800 65.8 

5040 65.7 

5400 65.5 

5760 65.3 

6000 65.2 

6360 64.9 

6600 64.8 

6840 64.8 

7080 64.5 

7200 64.5 

No Onset 

Hot Water  temperature on the jacket side of the column: Room Temperature 

Voltage Input to Heater  =                100  Volts              Power Input to Heater 

              P = V*I   =   50 Watt Current Input to Heater  =                 0.5 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.9 Experimental observations for 100 W and column at Room Temperature. 

 

Time, s TR, 0C 

0 27.7 

72 29 

95 30 

128 32 

158 34 

184 36 

209 38 

232 40 

256 42 

278 44 

 301 46 

322 48 

346 50 

366 52 

388 54 

409 56 

432 58 

455 60 

477 62 

500 64 

524 66 

550 68 

580 70 

594 71 

608 72 

626 73 

Time, s TR, 0C 

645 74 

664 75 

690 75.9 

720 75.8 

780 75.4 

840 75.1 

900 74.7 

960 74.3 

1080 73.7 

1180* 73.1 

1200 73 

1320 72.5 

1440 71.8 

1560 71.2 

1680 70.8 

1800 70.3 

1920 70 

2040 69.6 

2160 69.4 

2280 69.1 

2400 68.8 

2520 68.8 

2640 68.4 

2760 68.2 

3000 68.1 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column:  Room Temperature 

Voltage Input to Heater  =  150  Volts              Power Input to Heater 

              P = V*I   =   100 Watt Current Input to Heater  =   0.667 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.10 Experimental observations for 150 W and column at Room Temperature. 

 

Time, s TR, 0C 

0 28 

61 29 

80 30 

103 32 

123 34 

139 36 

154 38 

168 40 

183 42 

196 44 

209 46 

222 48 

235 50 

247 52 

260 54 

272 56 

285 58 

297 60 

309 62 

321 64 

334 66 

344 68 

359 70 

372 72 

387 74 

403 76 

Time, s TR, 0C 

420 77.9 

450 77.8 

490 77.4 

540 77 

600 76.5 

645* 76.2 

660 75.9 

750 74.9 

870 73.8 

990 72.9 

1080 72.4 

1200 71.8 

1320 71.4 

1440 70.9 

1560 70.4 

1680 70.1 

1800 69.8 

1920 69.5 

2040 69.2 

2160 69 

2280 68.8 

2400 68.6 

2520 68.4 

2580 68.3 

2640 68.3 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column:  Room Temperature 

Voltage Input to Heater  =  200  Volts              Power Input to Heater 

              P = V*I   =   150 Watt Current Input to Heater  =   0.75 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.11 Experimental observations for 50 W and column at 40 0C. 

 

Time, s TR, 0C 

0 27 

91 28 

134 29 

166 30 

222 32 

273 34 

323 36 

372 38 

424 40 

473 42 

528 44 

583 46 

643 48 

705 50 

767 52 

825 54 

899 56 

970 58 

1037 60 

1117 62 

1156 63 

1196 64 

1244 65 

Time, s TR, 0C 

1283 66 

1320 65.9 

1344 67 

1374 68 

1410 68.6 

1480 69 

1528 69.6 

1560 70 

1620 69.8 

1710 67.4 

1800 66.4 

1920 65.2 

2040 65.8 

2160 64.8 

2280 64.2 

2400 63.9 

2520 64.4 

2640 64.4 

2760 64.4 

2880 64.5 

3000 64.5 

No Onset 

 

 

 

 

 

  

Hot Water  temperature on the jacket side of the column: 40 0C 

Voltage Input to Heater  =                100  Volts              Power Input to Heater 

              P = V*I   =   50 Watt Current Input to Heater  =                 0.5 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.12 Experimental observations for 100 W and column at 40 0C. 

 

Time, s TR, 0C 

0 25.5 

47 26 

73 27 

92 28 

112 29 

124 30 

153 32 

179 34 

203 36 

227 38 

249 40 

271 42 

294 44 

316 46 

336 48 

358 50 

379 52 

402 54 

422 56 

443 58 

462 60 

486 62 

511 64 

540 66 

568 68 

601 70 

622 71 

643 72 

Time, s TR, 0C 

665 73 

684 74 

698 75 

716 76 

780 75.1 

840 74.3 

900 73.5 

1020 72 

1080 71.5 

1140 71 

1200 70.4 

1320 69.9 

1380 69.7 

1440 69.5 

1560 69.6 

1680 68.6 

1800 68 

1980 67.8 

2100 67.4 

2340 66.4 

2520 66.1 

2640 66 

2700 66.1 

2880 65.6 

3000 65.4 

3120 65.4 

No Onset 

  

Hot Water  temperature on the jacket side of the column:  40 0C 

Voltage Input to Heater  =  150  Volts              Power Input to Heater 

              P = V*I   =   100 Watt Current Input to Heater  =   0.667 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.13 Experimental observations for 150 W and column at 40 0C. 

 

Time, s TR, 0C 

0 26.4 

53 28 

78 30 

97 32 

113 34 

129 36 

143 38 

157 40 

171 42 

184 44 

197 46 

210 48 

222 50 

234 52 

246 54 

259 56 

272 58 

287 60 

300 62 

315 64 

327 66 

339 68 

351 70 

361 72 

373 74 

387 76 

400 78 

450 78.6 

480 78.4 

540 77.8 

Time, s TR, 0C 

600 76.6 

720 74.7 

780 74.2 

840 74.4 

900 72.8 

960 71.8 

1020 71.7 

1080 71.3 

1140 71 

1200 70.8 

1260 70.5 

1320 70.2 

1380 69.9 

1440 69.8 

1500 69.6 

1560 69.5 

1620 69.5 

1680 69.5 

2100 69.3 

2280 68.9 

2400 68.6 

2460 68.5 

2520 68.4 

2640 68.3 

2760 68.1 

2940 68 

3000 68 

3360 67.3 

3480 67.3 

No Onset 

Hot Water  temperature on the jacket side of the column:  40 0C 

Voltage Input to Heater  =  200  Volts              Power Input to Heater 

              P = V*I   =   150 Watt Current Input to Heater  =   0.75 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.14 Experimental observations for 50 W and column at 50 0C. 

 

Time, s TR, 0C 

0 26.8 

110 28 

183 30 

240 32 

292 34 

342 36 

390 38 

436 40 

482 42 

530 44 

576 46 

622 48 

670 50 

716 52 

768 54 

818 56 

871 58 

930 60 

989 62 

1053 64 

1126 66 

1209 68 

1314 70 

Time, s TR, 0C 

1380 71 

1560 72.2 

1800 71.6 

1860 71.4 

1920 71.1 

1980 71 

2040 70.7 

2100 70.4 

2160 70.3 

2220* 70.2 

2280 70 

2340 69.8 

2400 69.6 

2520 69.4 

2640 69.1 

2760 68.8 

2880 68.5 

3000 68.3 

3120 68.1 

3240 67.8 

3360 67.7 

3420 67.7 

*Onset of Distillate 

 

 

 

 

 

  

Hot Water  temperature on the jacket side of the column: 50 0C 

Voltage Input to Heater  =                100  Volts              Power Input to Heater 

              P = V*I   =   50 Watt Current Input to Heater  =                 0.5 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.15 Experimental observations for 100 W and column at 50 0C. 

 

Time, s TR, 0C 

0 28 

68 29 

87 30 

125 32 

154 34 

178 36 

201 38 

223 40 

245 42 

266 44 

290 46 

309 48 

331 50 

351 52 

370 54 

387 56 

410 58 

432 60 

456 62 

480 64 

518 66 

546 68 

561 69 

572 70 

Time, s TR, 0C 

586 71 

602 72 

618 73 

634 75 

648 76 

681 77 

746* 74.6 

780 74.3 

840 73.6 

900 73 

960 72.3 

1020 71.9 

1140 71.4 

1200 71.2 

1320 70.7 

1440 70 

1560 69.8 

1680 69.6 

1800 69.3 

1920 69.2 

2040 69.6 

2319 69 

2400 69.2 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column:  50 0C 

Voltage Input to Heater  =  150  Volts              Power Input to Heater 

              P = V*I   =   100 Watt Current Input to Heater  =   0.667 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.16 Experimental observations for 150 W and column at 50 0C. 

 

Time, s TR, 0C 

0 27.1 

49 28 

68 29 

80 30 

102 32 

119 34 

136 36 

151 38 

167 40 

181 42 

195 44 

212 46 

234 48 

249 50 

262 52 

276 54 

289 56 

301 58 

313 60 

325 62 

338 64 

360 68 

379 70 

Time, s TR, 0C 

397 73 

412 75 

430 76 

459 80 

467 86 

489 84 

512* 82 

540 80.7 

660 80.3 

810 78.2 

840 77.8 

960 76.4 

1080 75.6 

1200 74.9 

1320 74.5 

1440 74.1 

1560 73.7 

1680 74.2 

1800 74.7 

1920 74.6 

2040 74.4 

*Onset of Distillate 

 

 

  

Hot Water  temperature on the jacket side of the column:  50 0C 

Voltage Input to Heater  =  200  Volts              Power Input to Heater 

              P = V*I   =   150 Watt Current Input to Heater  =   0.75 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.17 Experimental observations for 50 W and column at 60 0C. 

 

Time, s TR, 0C 

0 26.7 

113 28 

186 30 

242 32 

296 34 

354 36 

392 38 

437 40 

482 42 

527 44 

573 46 

619 48 

667 50 

716 52 

766 54 

816 56 

871 58 

927 60 

986 62 

1050 64 

1122 66 

Time, s TR, 0C 

1205 68 

1305 70 

1367 71 

1457 72 

1560 72.1 

1594* 72 

1680 71.8 

1800 71.4 

1920 70.1 

2040 70 

2160 69.9 

2280 69.6 

2400 69.2 

2520 68.9 

2640 68.7 

2760 68.3 

2880 68.1 

3000 67.8 

3120 67.8 

3240 67.7 

*Onset of Distillate 

 

 

 

 

 

  

Hot Water  temperature on the jacket side of the column: 60 0C 

Voltage Input to Heater  =                100  Volts              Power Input to Heater 

              P = V*I   =   50 Watt Current Input to Heater  =                 0.5 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.18 Experimental observations for 100 W and column at 50 0C. 

 

 

Time, s TR, 0C 

0 27.7 

50 29 

71 30 

102 32 

129 34 

153 36 

176 38 

198 40 

219 42 

240 44 

260 46 

279 48 

300 50 

318 52 

336 54 

355 56 

374 58 

398 60 

424 62 

450 64 

482 66.7 

518 70.1 

551 72 

575 75 

Time, s TR, 0C 

583 80 

603 82 

711* 77 

720 76.9 

780 75.3 

840 74.4 

900 73.8 

960 73.2 

1080 73.5 

1200 73.5 

1320 73.6 

1502 73.3 

1560 73.5 

1740 71.2 

1860 71.1 

1980 71.4 

2160 72.1 

2340 72.1 

2520 69 

2580 69.6 

2640 70.2 

2700 70.3 

2760 70.4 

*Onset of Distillate 

  

Hot Water  temperature on the jacket side of the column:  60 0C 

Voltage Input to Heater  =  150  Volts              Power Input to Heater 

              P = V*I   =   100 Watt Current Input to Heater  =   0.667 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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Table 4.19 Experimental observations for 150 W and column at 60 0C. 

 

Time, s TR, 0C 

0 27.4 

49 28 

84 30 

106 32 

124 34 

140 36 

155 38 

170 40 

183 42 

196 44 

209 46 

221 48 

233 50 

244 52 

256 54 

267 56 

279 58 

291 60 

302 62 

314 64 

325 66 

336 68 

348 70 

359 72 

372 74 

385 76 

402 78 

419 78.6 

458 79 

473* 79.1 

Time, s TR, 0C 

546 78.5 

600 78.7 

690 78.7 

720 78.5 

780 78.2 

840 78.1 

900 77.9 

960 77.8 

1020 77.8 

1080 77.8 

1140 77.8 

1200 77.8 

1260 77.8 

1380 77.8 

1500 77.8 

1560 78 

1680 78.1 

1800 78.2 

*Onset of Distillate 

Hot Water  temperature on the jacket side of the column:  60 0C 

Voltage Input to Heater  =  200  Volts              Power Input to Heater 

              P = V*I   =   150 Watt Current Input to Heater  =   0.75 Amp 

Moles of Component  ‘A’(Acetic Acid)  = 2.5 mole Mass of component ‘A’ = 150 g   

 

Moles of Component  ‘B’(Methanol)    =   2.5 mole Mass of component ‘B’ = 80 g 

 

Volume of the mixture = 244 ml          

Weight of catalyst added (0.025 g/ml) =      6.1 g  

Temperature of the water supply to top condenser =   25 0C 
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The obtained temperature verses time dynamics of the reboiler mixture are plotted in Figure 

4.14 (a-e) corresponding to five different boundary conditions for the column and each plot 

further contains three curves corresponding to three different heat inputs.  
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       (c) 

 

      (d) 
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(e) 

Fig. 4.14 Experimental temperature dynamics of reboiler with (a) Insulated wall 

condition (b) Wall at room temperature (c) wall at 40 0C (d) wall at 50 0C (e) wall at 60 
0C. 

 

The observed times for onset of distillate for various wall heating and reboiler heating are 

presented in Table 4.20. 

 

Table 4.20 Experimental data on onset of distillate. 

                 Q (W) 

Twall (
0C) 

50 100 150 

40 No onset No onset No onset 

50 2220 sec 746 sec 512 sec 

60 1594 sec 711 sec 473 sec 

Ambient (28 0C) No onset 1180 sec 645 sec 

Insulated 2294 sec 1040 sec 595 sec 
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It can be observed that as the heat input rate Q increases the tonset decreases. Similarly as Twall 

increases the tonset decreases. 

 

Although smaller tonset implies small start-up time, it is not sure whether the obtained distillate 

of such condition contains highest purity of methyl acetate. The measured methyl acetate 

weight percentages inferred from GC analyses of samples in the distillate for the above 15 

different operating conditions are tabulated in Table 4.21. 

 

Table 4.21 Distillate compositions in weight percent 

                 Q (W) 

Twall (
0C) 

50 100 150 

40 No distillate No distillate No distillate 

50 83.48 % 81.37 % 80.69 % 

60 81.22 % 81.9 % 82.06 % 

Ambient (28 0C) No distillate 81.92 % 81.62 % 

Insulated 84.85 % 82.14 % 82.42 % 

 

It can be observed that the combination of insulated wall and 50 W heat input rate gives the 

highest distillate purity in terms of methyl acetate. If we compare this with batch reactor which 

has the methyl acetate weight percentage as 30 %. BRD is advantageous for acetic acid 

esterification with methanol to obtain methyl acetate as product. Therefore by providing 

rectification column higher purity methyl acetate product is obtained. It is the advantage of 

BRD as noted in the introduction also. In the perspective of industrial application a suitable 

combination of heat input rate and wall condition can be used. For theoretical analysis or 

process intensification, a model can be developed which can optimize the height of the column 

desired for various finite distillate flow rate or finite reflux ratio. Further the packing 

characteristics such as specific surface area can also be explored by model. 
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CHAPTER 5 

MATHEMATICAL MODELLING AND 

SIMULATION 
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 Mathematical Modelling and Simulation 

5.1 Pore diffusion model – Improvised for heterogeneous esterification 

The basic geometry created in the COMSOL Multiphysics is a catalyst particle surrounded 

with certain volume of the stationary reactant mixture. This kind of geometry is possible when 

the RPM of the stirrer inside the reactor is high such that the relative velocity between the 

catalyst particle and the reactant – product solution is almost equal to zero. The density 

difference between catalyst particle and solution mixture is comparatively very small and hence 

there will be a uniform dispersion of catalyst particles. This actually signifies that convection 

term in the major governing equation i.e., convection – diffusion – reaction equation is 

negligible. The catalyst particles surrounded by reactant-product liquid solution and the 

associated geometry in comsol is shown in Fig. 5.1. The dimension of the catalyst sphere is dp 

= 725 µm and liquid cube’s edge length is l = 0.001705 m. Hence the volume l3 can be 

determined from total reactant volume divided by the number of particles.  

 

 

Fig. 5.1 Geometry in COMSOL Multiphysics simulation for the catalyst particle 

surrounded by a cube of reactant liquid mixture. Units of length is in meters. 

 

 

 

 

Length, l (m) 
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Governing Equations 

The mathematical model that is used for this system is distributed parameter model involving 

time and space as independent variables and concentration as dependent variable. Further 

conversion XA of the acetic acid for the case 1:1 feed is estimated. The generic form of reaction 

– diffusion equation for species A inside the catalyst particle whose pore volume fraction is 

equal to ε is as follows in Eq. (5.1). The reaction is a reversible one as A +B C+D 

2 C DA
2 f2 A B

C CC
 - D C   = - εk C C  - 

t

 
  

  
A A

eK
                                    (5.1) 

Where kf2 and kb2 are the forward and backward rate constants inside the catalyst particle and 

ε is the available pore volume for the reaction to occur inside the catalyst particle.   

 

The generic form of reaction –diffusion equation in surrounding liquid phase is given as 

follows 

2 C DA
1 f1 A B 

C CC
 - D C   = - k C C -  

t

 
  

  
A A

eK
                                    (5.2) 

These kf2 and kb2 are different from kf1 and kb1 because the availability of H+
  ion in catalyst 

pores is high than actually released into bulk liquid. 

 

Boundary conditions and initial conditions 

At the center of the particle, owing to symmetry 

r = 0, 
AC

  0



r

                                                                           (5.3) 

At surface of the particle, there will be concentration continuity as in Eq. (5.4) and either flux 

continuity as below in Eq. (5.5) or CA = constant (Dirichlet condition) in bulk liquid 

 

r = Rp, CA,in = CA,out                    (5.4) 

r=Rp, -DA1

dCA

dr
 =  -DA2

dCA

dr
                                                        (5.5) 
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At the faces of the cube, symmetry or equivalently no-flux condition is applied as ∇𝑛𝐶𝐴 = 0 

(normal derivative of concentration is zero). 

 

At t = 0, CA = CAo , 0 < r < Rp and in the bulk liquid                 (5.6) 

 

Since 1:1 mole ratio of A and B are taken as reactant mixture, it suffices to solve for species A 

only and rest of them are related through stoichiometry as in Eq. (2.1) CB = CA, CC = CA0 - CA 

and CD = CA0 - CA. The overall conversion in the reactor liquid is XA = 1-CA/CA0. 

 

Simulation Tool 

COMSOL Multiphysics was finite element method (FEM) based simulation software 

applicable for many kinds of engineering. It consists of different types of physics modules and 

selection of each module is application specific. The module we chose for the problem was 

transport of dilute species since convection zero owing to 1:1 or equimolar counter diffusion 

[Mekala et al., 2013]. A robust solution of partial differential equations Eq. (5.1) and Eq. (5.2) 

can be obtained using comsol and hence it is considered as powerful software package. It can 

be used in conjunction with MATLAB too. The algorithm for this section is presented in 

appendix. 

 

5.1.1 Determination of Rate Constants 

5.1.1.1 Homogeneous rate constant 

The conversion of acetic acid Vs time (XA vs t) for esterification without catalyst at various 

temperatures is plotted in the figure Fig. 5.2. The data is from the literature [Mekala et al., 

2013]. 
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Fig. 5.2 Experimental conversion of acetic acid without catalyst at different temperatures. 

 

The rate of homogeneous reaction is given by  

C DA
f1 A B

e

C CdC
  =   -k C C -

dt K

 
 
 

                                                              (5.7) 

Where ‘kf1’ is forward reaction rate constant and Ke is the equilibrium constant. 

Since the experiments were conducted with equimolar ratio 1:1 of A & B, the above equation 

with XA = 1 – CA/CA0 reduces to  

 
2

2A A
f1 A0 A

e

dX X
  =   k *C 1-X -

dt K

 
 
 

                                                 (5.8) 

By evaluating the rate of conversion 
𝑑𝑋𝐴

𝑑𝑡
 at t=0 which is the initial slopes of the curves in Fig. 

5.2, it provides the value of kf1*CA0, since XA =0 at t=0. Further kf1 can be calculated at different 

temperatures (T) and thereby Arrhenius expression kf10
e

−Ef1
RT  can be fitted and kf10

and Ef1 can 

be obtained. 
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5.1.1.2 Heterogeneous rate constant 

Simulation of Eq. (5.1) and Eq. (5.2) were done in order to optimize the value of kf2 as in Eq 

(5.1). Diffusivities of all species is assumed constant as DA1 = 3*10-9 m2/sec in the bulk liquid 

and DA2=1*10-9 m2/sec inside the catalyst particle since different diffusivities would 

complicate solving equations for all species. Reaction kinetics is used from [Mekala et al., 

2013]. The average concentration of A in the liquid phase is used to evaluate the overall 

conversion of A. As described in Table 2.1, the plot between the error =absolute (βsim – βexpt) 

and the guess value of kf2 is represented in Fig. 5.3 for one situation. 

 

 

 

Fig. 5.3 Error plot for evaluating optimum kf2 at a temperature of 343.15 K using 

comsol solution for reaction-diffusion equation. 

 

 

 

 

 

 

0.0E+00

5.0E-06

1.0E-05

1.5E-05

2.0E-05

2.5E-05

3.0E-05

0.0E+00 1.0E-06 2.0E-06 3.0E-06 4.0E-06 5.0E-06 6.0E-06 7.0E-06

E
rr

o
r,

 a
b

s(
β

si
m

 -
β

e
x
p

t)

kf2, (m
3/mol sec)



64 
 

The values of kf1 and kf2 obtained from all the three models described in Table 2.1 are tabulated 

in Table 5.1. The kinetic rate constant kf1 corresponds to bulk liquid phase where as kf2 

corresponds to inside the catalyst. We had two types of approaches for determining liquid phase 

or macro scale kf1 which correspond to using the initial rate only or by curve fitting. The 

similarity of the constants is due to the similar procedure adopted as per Table 2.1 for the sub 

parts of the problem where the modeling approach was mentioned. 

 

Table 5.1 Rate constant values for all the three models at different temperatures. 

Temperature 

(K) 

Type of 

Model 
kf1 (l/mol.min) kf2 (l/mol.min) 

 

323.15 

Model 1 0.0000165 0.0603 

Model 2 0.000414 0.1443 

Model 3 0.000414 0.0603 

 

 

333.15 

Model 1 0.0000237 0.0895 

Model 2 0.000673 0.1494 

Model 3 0.000673 0.0895 

 

 

343.15 

Model 1 0.0000333 0.1298 

Model 2 0.001064 0.1544 

Model 3 0.001064 0.1298 

 

 

353.15 

Model 1 0.0000460 0.1843 

Model 2 0.001638 0.1592 

Model 3 0.001638 0.1843 

 

The rate constants kf1 and kf2 are further fitted to Arrhenius rate law as k = k0*exp(-E/R*T). 

The linear fit for kf2 Vs 1/T obtained from Model 1, Model 2 and Model 3 are plotted in Fig. 

5.4 (a) and Fig. 5.4(b).  
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(a) 

 

(b) 

Fig. 5.4 Arrhenius plot for reaction rate constant inside the catalyst pores (a) For Model 

1 and Model 3 (b) For model 2. 
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The values of pre-factor k0 and activation energy E are tabulated in Table 5.2 for kf1 and kf2 for 

each of the models of Table 2.1. 

 

Table 5.2 k0 and E values for kf1 and kf2 for all three models. 

 

Type of 

Model 

Rate Constant, kf1 Rate Constant, kf2 

Pre Exponential 

factor, kf10  

(l/mol min) 

Activation 

Energy, Ef1 

(J/mol) 

Pre Exponential 

factor, kf20  

(l/mol min) 

Activation Energy, Ef2 

(J/mol) 

Model 1 2.9659 32511.89 31126.02 35341.15 

Model 2 4465 43507 0.46 3115 

Model 3 4465 43507 31126.02 35341.15 

 

5.2 Determination of kinetic constants from non-isothermal data 

By taking the rate law as in Eq. (2.7) with input as both temperature (T) vs. time (t) and 

Concentration (CA) vs. time (t), an objective function or error is defined as standard deviation 

between experimental CA and predicted CA over the entire time range defined as in Eq. (5.9).  

𝐸𝑟𝑟𝑜𝑟 = √∑ (𝐶𝐴,𝑝𝑟𝑒𝑑,𝑖−𝐶𝐴,𝑒𝑥𝑝𝑡,𝑖)
2𝑛

𝑖=1

𝑛
                            (5.9) 

Here CA,pred is estimated by numerical integration of the differential equation by central 

difference method. Genetic algorithm of MATLAB is used to determine the four unknown 

constants by minimizing the error of Eq. (5.9). 

 

5.3 Dynamic Model for reaction kinetics based on constant heat supply 

A model was also developed to predict the start-up dynamics for a BRD system with constant 

heat supply. In this Eq. (2.7) is integrated by finite difference method in MATLAB. The 

algorithm invokes that maximum temperature attained in the reboiler is equal to the bubble 

point of the mixture which is determined using ASPEN software.  
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The bubble point temperature of a mixture of Acetic acid (A), Methanol (B), Methyl acetate 

(C) and Water (D) assuming from an initial 1:1 mole ratio of Acetic acid and Methanol is 

obtained from ASPEN as in Eq. (5.10)  

TBP = 59.993 + 24.5xA + 13.938xA
2 + 70.836xA

3              (5.10) 

Now, the mixture temperature is assumed to vary with time owing to sensible heating as in Eq. 

5.11(b). As per the literature the esterification reaction of the present system is having 

negligible ∆HR. 

−dCA

dt
= kf0

e
−Ef
RT CA

2 − kb0
e

−Eb
RT (CA0

− CA)2              5.11(a) 

dT

dt
=

Q

∑ nicpi
                      5.11(b) 

As soon as the temperature hits bubble point TBP, the value of temperature is not updated. But 

there is a simultaneous reaction occurring which shifts the mole fraction xA of acetic acid. 

Hence certain dynamics are anticipated in T(t) and CA(t). The result from this model will 

predict both temperature and concentration dynamics in the reactor as a coupled initial value 

problem. 

5.4 Rate based model for distillation of binary non-reacting mixture 

The aim here is to develop a steady state model where the reboiler composition is specified, 

heat input rate to reboiler is specified and distillate composition has to be predicted for total 

reflux condition in the column as shown in Fig. 4.1 (b). Some assumptions had to be made in 

order to arrive at a reasonable output. They are:  

 The steady state temperature in the reboiler is assumed equal to the bubble point 

temperature in 0C which is a linear function as TR = 109.6-30.8*XAR. this assumption 

is applied for all three heat input rates. 

 The vapor generation rates of A and B in the reboiler are assumed to be proportional to 

the mole fractions in the liquid or the mole fraction of benzene ensuing from the vapor 

in reboiler is considered equal to 0.5 which is the initial mole fraction in the reboiler 

contents.  

 A linear temperature profile is assumed along the height of the column. The expression 

is T(z) = TR-(z/H)(TR-TC) where TC is the column temperature at top most point. It is 

assumed as TC=65 C. Here H is the height of the column. 
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By considering shell of thickness ‘dz’ as in Fig. 5.5 and performing material balance and 

component balance, the following set of differential equations were obtained for composition 

and molar flow rate variations along the height of the column. 

 

Fig. 5.5 Shell of thickness dz for material and component balance. 

 

dV

dz
=

dL

dz
                  (5.12) 

Where V and L are vapor and liquid molar flow rates. z is vertical height above reboiler. z = 

0 corresponds to bottom and z = H corresponds to top of the column. 

 

At infinite reflux distillate flow rate almost tends to zero and Eq.(5.10) gives V = L. 

 

Component Balance for ‘A’ in vapor phase using evaporation rate based model gives,                            

d(yA.V)

dz
= KA. Ac. ac. (xA. pA

sat − yA. pt)               (5.13) 

The RHS of Eq. 5.13 represents that the rate of evaporation of a component is proportional to 

the driving force as per the non – equilibrium suggested by Raoult’s law. To recollect Raoult’s 

law it says that xA. pA
sat − yA. pt at equilibrium. Taking their difference as non – equilibrium 

the present proposal is a simple model. 

 

Component Balance for ‘B’ in vapor phase 

d(yB.V)

dz
= KB . Ac. ac. (xB. pB

sat − yB. pt)              (5.14)  

Component Balance for ‘A’ in liquid phase 

d(xA.L)

dz
= KA. Ac. ac. (xA. pA

sat − yA. pt)               (5.15) 
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Component Balance for ‘B’ in liquid phase 

d(xB.L)

dz
= KB . Ac. ac. (xB. pB

sat − yB. pt)                                               (5.16) 

In the present study at steady state, the reboiler temperature is assumed to be at bubble point 

of the mixture which is given by  

TR = 109.6 - 30.8 xAR                                                                                   (5.17) 

Temperature variation in the column is assumed to vary linearly from reboiler to the condenser 

as below 

T(z) = TR-(TR-TC)*(z/H)                                                                                                     (5.18) 

At first node at the bottom of the column the vapor molar flow rates are related to the heat 

input rate as below 

Q = VA. λA +   VB. λB                  (5.19) 

The vapor generation rates of A and B in the reboiler are assumed to be proportional to the 

mole fraction in the liquid as below 

VA =  𝑉 ∗ xAR                         5.20(a) 

VA =  𝑉 ∗ (1 − xAR)                    5.20(b)    

The saturated vapor pressures of Benzene (A) and Toluene (B) from Antoine equation are as 

in Eq. 21(a) and Eq. 21(b). 

pA
sat = 10

(4.02232−
1206.53

220.291+𝑇
)
, atm                                              5.21(b) 

pB
sat = 10

(4.0854−
1348.77

219.976+𝑇
)
, atm                               5.21(b) 

Where T is in 0C                          

In the above Eq. (5.12) to Eq. (5.21) the notation for various symbols is as follows 

‘Q’ is heat supplied to reboiler (Watts) 

‘L’ is the molar flow rate of liquid from column to the reboiler (mol/sec) 

‘LA’ is the molar flow rate of component ‘A’ in liquid from column to the reboiler (mol/sec) 

‘LB’ is the molar flow rate of component ‘B’ in liquid from column to the reboiler (mol/sec) 

‘V’ is the molar flow rate of the vapor from reboiler in to the column (mol/sec) 

‘VA’ is the molar flow rate of component ‘A’ in vapor from reboiler in to the column 

(mol/sec) 

‘VB’ is the molar flow rate of component ‘B’ in vapor from reboiler in to the column 

(mol/sec) 
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‘xA’ mole fraction of component ‘A’ in liquid phase at a location z in the column 

‘yA’ mole fraction of component ‘A’ in vapor phase at a location z in the column 

‘xAR’ mole fraction of component ‘A’ in reboiler 

‘KA’ mass transfer coefficient of component ‘A’ (gmol/m2.atm.s) as in Fig. 4.5 

‘Ac’ Cross sectional area of the column (m2) 

‘ac’ specific surface area available inside the column in the form of raschig rings (m2/m3) 

~100 m2/m3 for raschig rings. 

‘pA
sat’ saturated vapor pressure of component ‘A’ at a location z inside the column (atm) as 

per Antoine equation 

‘xB’  mole fraction of component ‘B’ in liquid phase at a location z in the column 

‘yB’mole fraction of component ‘B’ in vapor phase at a location z in the column 

‘xBR’ mole fraction of component ‘B’ in reboiler 

‘KB’ mass transfer coefficient of component ‘B’ (gmol/m2.atm.s) as in Fig. 4.6 

‘p𝐵
sat’saturated vapor pressure of component ‘B’ at a location z inside the column (atm) as per 

Antoine equation 

‘pt’ Total pressure or atmospheric pressure (atm) 

‘λA’ Latent heat of vaporization of component ‘A’ 

‘λB’ Latent heat of vaporization of component ‘B’ 

 

Simulation 

The set of differential equations from Eq. (5.12) to Eq. (5.16) are solved numerically using 

explicit Euler forward finite difference method. It should be noted that the molar flow rate of 

vapor ‘V’ is in upward direction and molar flow rate of liquid ‘L’ is in downward direction. 

About 51 nodes are placed at equi-distance along the height of the column. This gives 50 

segments of 1 cm each. The algorithm for this section is presented in appendix. 
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5.5 Application of rate based model for batch reactive distillation (BRD) 

The modeling procedure is similar to section 5.4 for binary non reacting mixture in packed 

column but with reaction incorporated in reboiler as in Fig. 4.1(b). By this modelling approach 

it was intended to approach the distillate composition obtained in a BRD simulation with 

experiments. The trend of yD (distillate mole fraction of Methyl acetate) with respect to change 

in heat supply rate to reboiler and packing’s specific surface area were sought for. 

By considering shell of thickness ‘dz’ as in Fig. 5.5 and performing material balance and 

component balance, the following set of differential equations were obtained for composition 

and molar flow rate variations along the height of the column. 

 

dV

dz
=

dL

dz
                  (5.19) 

Where V and L are vapor and liquid flow rates. z is vertical height above reboiler. z = 0 

corresponds to bottom and z = H corresponds to top of the column. 

 

At infinite reflux distillate flow rate almost tends to zero and Eq.(5.19) gives V = L. 

 

Component Balance for ‘A’ in vapor phase using evaporation rate based model gives,                            

d(yA.V)

dz
= KA. Ac. ac. (xA. pA

sat − yA. pt)               (5.20) 

The RHS of Eq. 5.13 represents that the rate of evaporation of a component is proportional to 

the driving force as per the non – equilibrium suggested by Raoult’s law. To recollect Raoult’s 

law it says that xA. pA
sat − yA. pt at equilibrium. Taking their difference as non – equilibrium 

the present proposal is a simple model. 

 

Component Balance for ‘B’ in vapor phase 

d(yB.V)

dz
= KB . Ac. ac. (xB. pB

sat − yB. pt)              (5.21) 

Component Balance for ‘C’ in vapor phase 

d(yC .V)

dz
= KC. Ac. ac. (xC. pC

sat − yC. pt)              (5.22)  

Component Balance for ‘D’ in vapor phase 

d(yD.V)

dz
= KD. Ac. ac. (xD. pD

sat − yD. pt)              (5.23)   
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Component Balance for ‘A’ in liquid phase 

d(xA.L)

dz
= KA. Ac. ac. (xA. pA

sat − yA. pt)               (5.13) 

Component Balance for ‘B’ in liquid phase 

d(xB.L)

dz
= KB . Ac. ac. (xB. pA

sat − yA. pt)                                               (5.24) 

Component Balance for ‘C’ in liquid phase 

d(xC .L)

dz
= KC. Ac. ac. (xC. pC

sat − yC. pt)                                               (5.25) 

Component Balance for ‘D’ in liquid phase 

d(xD.L)

dz
= KD. Ac. ac. (xD. pD

sat − yD. pt)                                               (5.26) 

 

In the present study at steady state, the reboiler temperature is assumed to be at bubble point 

of the mixture which is given by  

TBP = 59.99. + 24.5xAR + 13.938xAR
2  + 70.836xAR

3                    (5.27) 

At first node at the bottom of the column the vapor molar flow rates are related to the heat 

input rate as below 

Q = VA. λA +   VB. λB +  VC. λC  +  VD. λD                  (5.28) 

The above equation can be rearranged to relate vapour flow rate from the reboiler to the 

column and heat input to the reboiler as follows 

V =
𝑄

xAR .λA+  xBR.λB+ xCR.λC  +  xDR.λD    
                  (5.29) 

The vapor generation rates of A, B, C and D in the reboiler are assumed to be proportional to 

the mole fraction in the liquid as below 

VA =  xAR. V                                                                      (5.30a) 

VB =  xBR. V                                                                      (5.30b) 

VC =  xCR. V                                                                      (5.30c) 

VD =  xDR. V                                                                      (5.30d) 

The saturated vapor pressures of Acetic acid (A), Methanol (B), Methyl acetate (C) and 

Water (D) from Antoine equation are as in Eq. 21(a-d). 

pA
sat = 10−5. 𝑒𝑥𝑝(22.1−

3654.62

𝑇−45.39
)
 , atm                                               5.31(a) 

pB
sat = 10−5. 𝑒𝑥𝑝(23.5 −

3643.3

𝑇−33.43
)
, atm                                                   5.31(b) 

pC
sat = 10−5. 𝑒𝑥𝑝(21.5−

2662.78

𝑇−53.46
)
, atm                             5.31(c) 
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pD
sat = 10−5. 𝑒𝑥𝑝(23.22−

3835.18

𝑇−45.34
)
, atm                             5.31(d) 

 

In the above equations the notation for various symbols is as follows 

‘Q’ is heat supplied to reboiler (Watts) 

‘L’ is the molar flow rate of liquid from column to the reboiler (mol/sec) 

‘LA’ is the molar flow rate of component ‘A’ in liquid from column to the reboiler (mol/sec) 

‘LB’ is the molar flow rate of component ‘B’ in liquid from column to the reboiler (mol/sec) 

‘LC’ is the molar flow rate of component ‘C’ in liquid from column to the reboiler (mol/sec) 

‘LD’ is the molar flow rate of component ‘D’ in liquid from column to the reboiler (mol/sec) 

‘V’ is the molar flow rate of the vapor from reboiler in to the column (mol/sec) 

‘VA’ is the molar flow rate of component ‘A’ in vapor from reboiler in to the column 

(mol/sec) 

‘VB’ is the molar flow rate of component ‘B’ in vapor from reboiler in to the column 

(mol/sec) 

‘VC’ is the molar flow rate of component ‘C’ in vapor from reboiler in to the column 

(mol/sec) 

‘VD’ is the molar flow rate of component ‘D’ in vapor from reboiler in to the column 

(mol/sec) 

‘xA’ mole fraction of component ‘A’ in liquid phase at a location z in the column 

‘yA’ mole fraction of component ‘A’ in vapor phase at a location z in the column 

‘xAR’ mole fraction of component ‘A’ in reboiler 

‘KA’ mass transfer coefficient of component ‘A’ (gmol/m2.atm.s) 

‘Ac’ Cross sectional area of the column (m2) 

‘ac’ specific surface area available inside the column in the form of raschig rings (m2/m3) 

~100 m2/m3 for raschig rings. 

‘pA
sat’ saturated vapor pressure of component ‘A’ at a location z inside the column (atm) 

‘xB’  mole fraction of component ‘B’ in liquid phase at a z location in the column 

‘yB’mole fraction of component ‘B’ in vapor phase at a z location in the column 

‘xBR’ mole fraction of component ‘B’ in reboiler 

‘KB’ mass transfer coefficient of component ‘B’ (gmol/m2.atm.s) 

‘p𝐵
sat’saturated vapor pressure of component ‘B’ at a z location inside the column (atm) 

‘xC’ mole fraction of component ‘C’ in liquid phase at a z location in the column 

‘yC’ mole fraction of component ‘C’ in vapor phase at a z location in the column 
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‘xCR’ mole fraction of component ‘C’ in reboiler 

‘KC’ mass transfer coefficient of component ‘C’ (gmol/m2.atm.s) 

‘pC
sat’ saturated vapor pressure of component ‘C’ at a location z inside the column (atm) 

‘xD’ mole fraction of component ‘D’ in liquid phase at a location z in the column 

‘yD’ mole fraction of component ‘D’ in vapor phase at a location z in the column 

‘xDR’ mole fraction of component ‘D’ in reboiler 

‘KD’ mass transfer coefficient of component ‘D’ (gmol/m2.atm.s) 

‘pD
sat’ saturated vapor pressure of component ‘D’ at a location z inside the column (atm) 

‘pt’ Total pressure or atmospheric pressure (atm) 

‘λA’ Latent heat of vaporization of component ‘A’ 

‘λB’ Latent heat of vaporization of component ‘B’ 

‘λC’ Latent heat of vaporization of component ‘C’ 

‘λD’ Latent heat of vaporization of component ‘D’ 

 

Simulation 

The set of differential equations from Eq. (5.19) to Eq. (5.26) are solved numerically using 

explicit Euler forward finite difference method. It should be noted that the molar flow rate of 

vapor ‘V’ is in upward direction and molar flow rate of liquid ‘L’ is in downward direction. 

About 51 nodes are placed at equi-distance along the height of the column. This gives 50 

segments of 1 cm each. The algorithm for this section is presented in Appendix. 
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CHAPTER 6 

RESULTS AND DISCUSSION 
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Results and Discussion 

6.1 Particle scale simulation of pore diffusion model and validation 

Simulations were carried out with all the models described in Table 2.1 of section 2.1 and the 

results are discussed as follows. 

Concentration distribution inside and outside catalyst particle 

The spatial concentration distribution at an instant of time during the dynamic simulation inside 

the geometry consisting of two domains i.e., one inside the catalyst and the other bulk of the 

liquid is shown in Fig. 6.1 with the help of slice in the comsol software. As we know the 

conversion is high in the region inside the catalyst particle as compared to bulk of the liquid, 

the region inside the particle has lower concentration of the reactant species and in particular 

that of acetic acid (A). To bring out a clear picture of the concentration distribution in both the 

domains the concentration profile from one face of the cell to the other face passing through 

the catalyst at different times is shown in Fig. 6.1. 

 

 

Fig. 6.1 Spatial concentration distribution inside the catalyst particle and around it in 

the solution at an instant of time 180 s during dynamic simulation. 
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6.1.1 Validation of model 

The rate constants evaluated for all the three models as in Table 5.1 are used to determine the 

conversion of acetic acid at various temperatures and validated with that of experimental 

conversion of acetic acid vs time. It was noticed that model 3 is in good agreement with that of 

experimental values. Model 3 is further validated to see the effect of conversion with respect 

to that of intrinsic parameters like different temperatures (323.15 – 353.15 K), different catalyst 

loading (0.01-0.05 gm/cc) and different particle size (400 – 1000 µm) and is listed in 

subsequent figures. 

 

 

Fig. 6.2 Concentration profiles along an arc length from one face of cell to opposite face 

passing through the catalyst at different times.
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6.1.1.1 Effect of temperature 

Temperature is considered to be as major intrinsic parameters for the evaluation of reaction 

kinetics. Increase in temperature brings out an instinctive thought that there will be increase in 

conversion caused either by increase in probability of collision between molecules or by fast 

diffusion of molecules towards active site of the catalyst where there are sufficient amount of 

H+ ions to catalyze before giving rise to respective products. Another approach to compare 

mathematically is by Arrhenius expression which says that with increase of temperature the 

exponential value increases thereby the rate constant value increases. Increase in rate constant 

increases the rate of reaction as it is holds direct proportional relationship. All the three models 

were used to validate with respect to experimental investigations carried out at three different 

temperatures 333.15 K, 343.15 K, and 353.15 K for a particle diameter of 725 µm and catalyst 

loading of 0.025 gm/cc and are shown in Fig. 6.3, Fig. 6.4, and Fig. 6.5. It was observed that 

conversion reached equilibrium value very fast at high temperatures. The proposal of three 

models were evaluated and it appears that evaluating the initial rate of reaction from two data 

points (Time = 0 and Time = 15 min) has resulted in lesser kf1 value and thereby it lead to error 

in the prediction as can be seen from Fig. 6.3, 6.4 and 6.5. To explain further it is the difference 

between linear interpolation and cubic interpolation that has resulted in different numerical 

values of the parameter kf1.  

 

 

Fig. 6.3 Kinetics of acetic acid conversion for temperature of 353.15 K at constant 

catalyst loading of 0.025 g/cc and particle diameter of 725 µm as calculated from 

experimental data and predicted by the simulation. 
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Fig. 6.4 Kinetics of acetic acid conversion for temperature of 343.15 K at constant 

catalyst loading of 0.025 g/cc and particle diameter of 725 µm as calculated from 

experimental data and predicted by the simulation. 

 

Fig. 6.5 Kinetics of acetic acid conversion for temperature of 333.15 K at constant 

catalyst loading of 0.025 g/cc and particle diameter of 725 µm as calculated from 

experimental data and predicted by the simulation. 
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Further, model 3 which is in good agreement with that of experimental results is plotted 

separately to account the effect of conversion with respect to variation in temperature and is 

shown in Fig. 6.6. These results enlighten that temperature controls the reaction to major extent 

and as it increases the time taken by the system to reach equilibrium is decreased.  

 

 

Fig. 6.6 Kinetics of acetic acid conversion for different temperatures at constant catalyst 

loading of 0.025 g/cc and particle diameter of 725 µm as predicted by the simulation 

using Model 3. 

 

 

6.1.1.2 Effect of particle diameter 

The particle diameter effect keeping the same catalyst loading is also simulated. The results 

were obtained for three different particle sizes for a constant catalyst loading of 0.025 gm/cc 

and at a temperature of 343.15 K.  
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Fig. 6.7 Kinetics of acetic acid conversion for various particle sizes at constant loading of 

0.025 g/cc as predicted by the simulation using kf1 evaluated with MATLAB and kf2 

evaluated with COMSOL Multiphysics. 

 

Interestingly there is no much variance in the kinetics owing particle size. This must be 

substituted with conventional explanation that reaction rate is proportional to 1/Rp i.e., lower 

the particle size higher is the conversion and it must be attributed when the reaction takes place 

at the surface of the catalyst in a heterogeneous reaction. In the present case particle pore 

volume is also utilized and hence the entire volume of catalyst particles is same as long as the 

catalyst loading is same. But the resultant dependency of the reaction rate over the catalyst 

particle size can be obtained by solving the reaction – diffusion equation inside the catalyst 

particle. Fig. 6.7 shows the simulated results of kinetics of acetic acid conversion for different 

particle sizes and at a constant catalyst loading of 0.025 gm/cc and at a temperature of 343.15 

K. 
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6.1.1.3 Effect of catalyst loading 

Simulations were also carried out at different catalyst loading for a temperature of 343.15 K 

and at a particle size of 725 µm. The kinetics effect with respect to catalyst loading is shown 

in Fig. 6.8. When the amount of catalyst loading is increased for a particular size of particle the 

reaction rate increases because of more H+ ions available for the catalysis and gives rise to 

constituent products.  Increase in catalyst loading has a linear increase in conversion may be 

an erroneous conclusion. If catalyst loading is considered then particle size also needs to be 

addressed.  

 

 

 

Fig. 6.8 Kinetics of acetic acid conversion for various catalyst loading with particle 

diameter of 725 µm as predicted by the simulation using kf1 evaluated with MATLAB and 

kf2 evaluated with COMSOL Multiphysics. 
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6.2 Predicted rate constants for pseudo homogeneous model from non-isothermal data 

By taking the rate law as in Eq (2.7) with input as both T vs. time (t) and CA vs. time (t), an 

objective function or error is defined as standard deviation between experimental CA and 

predicted CA over the entire time range defined as in Eq. (5.9). Here CA,pred is estimated by 

numerical integration of the differential equation by central difference method:  

   

Genetic algorithm of MATLAB is used to determine the four unknown constants by 

minimizing the error of Eq. (5.9) as given in Table 6.1 for two different heat inputs. The 

constraints used during the optimization of parameters are that all the four constants have to be 

positive. 

 

Table 6.1 Kinetic constants for pseudo homogenous model for two different heat inputs. 

Q (W) kf0 (L/gmol.s) Ef (J/gmol) Kb0 (L/gmol.s) Eb (J/gmol) 

32 7.43 34,309 2.98 38,519 

50 7.02 33,424 2.99 36,345 

 

It can be noticed that the prediction of present result has repeatability. 
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           (b) 

Fig. 6.9 Reboiler temperature dynamics for different heat inputs: (a) 32 W, (b) 50 W. 

 

For the initial ramp region of T vs t, the predicted value is higher than experimental values. 

This may be because in experiments there is some cooling taking place due to evaporation and 

condensation on surface of mixture in the reactor. 
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         (b) 

Fig. 6.10 Experimental and predicted concentration dynamics of acetic acid for two 

different heat inputs: (a) 32 W, (b) 50 W. 

 

6.3 Prediction of distillate composition in non-reacting system 

The obtained results are presented in Fig. 6.11 for temperature versus local height in the 

column, Fig. 6.12 for benzene (A) mole fraction xA in liquid along the height of the column, 

Fig. 6.13 for benzene (A) mole fraction yA in vapor along the height of the column and Table 

6.2 indicating the composition of distillate at total reflux obtained from simulation and 

experiments. The good comparison between experimental distillate composition and simulated 

value matched very well for the binary non-reacting mixture. Therefore, the model equations 

of binary system can be extended for the present system of four components along with reaction 

in the reboiler. Thus the validation for the binary system helped the purpose of applying rate 

based model for the four component system with more confidence. 
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Fig. 6.11 Temperature variation along the height of the column at steady state 

 

Fig. 6.12 Benzene mole fraction in liquid along the height of the column. 
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Fig. 6.13 Benzene mole fraction in vapor along the height of the column. 

 

           Table 6.2 Simulation results as compared to experimental data. 

Run No. Heat input rate 

to Reboiler 

(Watts) 

yA,D_expt yA,D_sim Lcondensor 

(mol/s) 

LA,condenser 

(mol/s) 

1 52.3 0.94 0.93 0.0016 0.0015 

2 100.8 0.88 0.835 0.0025 0.0021 

3 149.2 0.79 0.763 0.0037 0.0028 

 

In Fig. 6.12 and Fig. 6.13, the difference in vapor and liquid mole fractions of the components 

mainly depends on vapor and liquid flow rates. Since we are using a small heat input rate the 

distillation or the rectification seems to occur at a quasi-steady state implying that the streams 

leaving each node in the finite difference method of simulation are nearly at equilibrium. One 

important analysis taken up is the evaluation of local relative volatility in the column at various 

locations as compared to the equilibrium value. The local relative volatility simulation is 

obtained from the definition (yA/(1-yA))/(xA/(1-xA)) and equilibrium is obtained from ratio of 
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saturation pressures of A and B at the prevailing local temperature as PA
sat/PB

sat. These two are 

compared in Fig. 6.14.  

 

Fig. 6.14 Local relative volatility as obtained from steady state simulation composition 

and from temperature. 

 

The data evaluated and plotted in Fig. 6.14 is from Fig. 6.12 and Fig. 6.13. Usually relative 

volatility of 1 implies azeotrope situation. But owing to the rate based model approach of 

simulation, such an azeotrope situation is overcome. Owing to the quasi steady state as 

mentioned earlier, the relative volatility is close to 1. It also can be inferred that half of the 

column height itself is sufficient to obtain the maximum possible rectification. Also the 

temperature variation in the column is assumed to be linear as per Eq.(5.16). Hence it could be 

a minor factor that the intersection point of Fig. 6.14 is due to such an assumption and also the 

reason for relative volatility less than 1. It indicates that the more volatile benzene is rectified 

majorly near the reboiler itself and after half a height of the column there is no much 

rectification. 
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6.4 Prediction of distillate composition in esterification reaction carried out in BRD 

apparatus 

Fig. 4.14 (a-e) depict a similar trend with mechanism as shown schematically in Fig. 6.16.  

 

Fig. 6.15 Schematic representation of temperature dynamics and corresponding 

phenomena occurring in the reboiler. 

 

The regime 1 corresponds to sensible heating of the reactant mixture. The starting temperature 

of all the experiments was around 25-28 0C. As the temperature increases and with the presence 

of catalyst, reaction occurs leading to the formation of products namely methyl acetate and 

water. It is here important to note the boiling points of the four components approximately as 

methanol-640C, acetic acid-1180C, methyl acetate-57 0Cand water-1000C at atmospheric 

pressure. As the product methyl acetate begins to form the mixture temperature tends to 

decrease since the bubble point temperature is lowered. Simultaneously there is evaporation 

from the reboiler mixture. Therefore there is drop in temperature owing to evaporative cooling 

i.e., the required latent heat for vapour formation has to be lost by the liquid. Thus in regime 2 

there is reaction and evaporation in the reboiler. As the heating proceeds vapour is condensed 

at the top of the column to form condensate which flows back to the reboiler and thereby 

cooling its contents by a little bit. Hence in regime 3 there is steady state evaporation, steady 
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state condensate reflux, thermal equilibrium and reaction equilibrium in the reboiler. Therefore 

by the end of regime 3 both reaction and distillation reach a steady state. The observed average 

reboiler steady state temperature was around 66-72 0C. In general higher heat input rates have 

slightly higher steady state temperatures.  

 

It was observed that distillate did not form for few operating conditions. It is because the vapour 

condenses completely within the column before reaching the top condenser. The interface 

location of maximum vapour height for low and high heat inputs and with wall temperature as 

40 0C is shown schematically in Fig. 6.17 (a) and Fig. 6.17 (b). 

 

(a)       (b) 

Fig. 6.16 (a) Vapour-air interface for low heat input rate and (b) Vapour-air interface for 

high heat input rate. 

 

Out of 15 operating conditions four of them did not yield any distillate because of the above 

mentioned reason. The recorded time for onset of distillate is tabulated in Table 4.5.  

 

Based on the reaction kinetics [Patan et al., 2018] and the temperature dynamics of reboiler for 

an insulated condition with three different heat inputs (50 W, 100 W and 150 W), the mole 

fraction of methyl acetate dynamics is simulated and compared with various isothermal 

conditions as shown in Fig. 6.17 (a-c). 
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(c) 

Fig. 6.17 Dynamics of mole fraction of methyl acetate (solid line) in the reboiler obtained 

from kinetics for (a) Insulated 50 W (b) Insulated 100 W (c) Insulated 150W and 

compared with isothermal conditions. 

 

 

Fig. 6.18 Comparative dynamics of mole fraction of methyl acetate in the reboiler 

obtained from kinetics for insulated conditions with three different heat inputs. 
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It can be observed from Fig. 6.17(a-c) that the mole fraction dynamics of the product verses 

time is highly sensitive to a temperature difference of 10 K. Whereas the dynamics as per Fig. 

6.18 the effect of heat input rate variation is less. Another advantage with constant heat supply 

is that the product formation is slightly of second order type than a fast first order type for 

isothermal condition. 

 

The mole fraction of methyl acetate in the reboiler at the onset of distillate (at transient from 

regime 1 to regime 2) is obtained from simulation using the literature kinetics and presented 

in Table 6.3. 

 

Table 6.3 Simulated Mole fraction of methyl acetate in reactor at onset of distillation 

                 Q (W) 

Twall (
0C) 

50 100 150 

40 - - - 

50 0.269 0.136 0.098 

60 0.211 0.131 0.093 

Ambient (28 0C) - 0.208 0.136 

Insulated 0.278 0.190 0.124 

 

It can be observed from Table 6.3 that the onset of distillate takes place early for high heat 

input rate to the reboiler and for higher wall temperature of the rectification column. 

Table 6.4 Experimental and simulated mole fractions in distillate of BRD for different 

heat inputs. 

  Q = 50 W Q = 100 W Q = 150 W Q = 32 W 

Mole fraction of ‘C’ in 

distillate from experiment, 

yC,D 

0.686 0.6538 0.6437  

Mole fraction of ‘C’ in 

distillate from simulation, 

yC,D 

0.7054 0.6519 0.6339 ~1.0 

Adjusted ac value m2/m3 60 90 120 ~90 
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(a) 

 

 
(b) 
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(c) 

 

(d) 

Fig. 6.19 Mole fraction of components in vapor of packed column with (a) Q = 32 Watt 

and ac =90 m2/m3 (b) Q = 50 Watt and ac = 60 m2/m3 (c) Q = 100 Watt and ac = 90 m2/m3 

(d) Q = 150 Watt and ac = 120 m2/m3. 
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For small heat input rates and with moderate specific surface area of the packing it is shown 

possible through simulation that methyl acetate can be obtained in pure form in the distillate. 

As we increase the heat input rate owing to shorter residence time or contact between the liquid 

and vapor in the column, it can be inferred that the distillate contains less pure form of methyl 

acetate owing to the appearance of methanol and acetic acid. 

 

 

Fig. 6.20 Simulation result of effect of heat input (Q) on distillate composition of Methyl 

acetate (yc) with ac = 100 m2/m3. 
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Fig. 6.21 Simualtion result of effect of heat input (Q) on distillate composition of Methyl 

acetate (yc) with ac as variable. 

 

A simulation study for the present model of BRD shows that the distillate composition can be 

of high methyl acetate for heat input rate less than 100W as can be seen in Fig. 6.20. But lower 

heat input rate leads to very high start-up time and low throughput. Hence ‘ac’ the specific 

surface area of the packed bed in BRD can be increased to certain value like 100 m2/m3 which 

has shown to yield 100 percent pure methyl acetate. 
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Conclusions 

A particle scale model for heterogeneous reaction has been developed and implemented for 

carrying out the simulation of the esterification of acetic acid by methanol catalyzed by solids. In 

this study assumption such as quasi steady state or multi time scale approach using COMSOL 

Multiphysics as well as well stirred assumption has been relaxed. A more realistic simulation is 

carried out in which concentration gradients are allowed in the liquid surrounding the catalyst as 

well. It was observed that pore contribution to overall conversion of acetic acid is higher as 

compared to bulk of the liquid and is explained with the help of spatial concentration distribution 

plots. Further kinetic study was carried out at different geometric and intrinsic parameters like 

particle size, catalyst loading, and temperature. It was found that increase in temperature increases 

the rate of reaction, increase in particle size for a constant catalyst loading and for a particular 

temperature decreases slightly. Further with increase in catalyst loading for a particular particle 

size and at a particular temperature increases the rate of reaction as there is an increase in rate of 

conversion. 

 

It was shown possible to obtain reaction rate constants from constant heat input rate batch 

experiments. The availability of advanced multi-parameter optimization tools of software such as 

MATLAB made it a reality to obtain rate constants from a single experimental data and found to 

be robust and validated. The gradual variation of reactant is possible with a step heat input rate 

rather than by a step temperature change and its control. Such gradually changing variables are 

more suitable for mathematical optimization carried out like in the present work. Hence with 

advanced data acquisition systems for temperature and online chemical analysis, it can 

revolutionize the way in which reaction kinetic parameters can be obtained as shown in this work. 

 

Experimental studies were carried out in a lab scale batch packed bed distillation column with 

various heat input rates to the reboiler for a binary non reacting mixture. For the system of benzene-

toluene smaller heat input rates were found to give higher purity of lighter component i.e., benzene 

in distillate at total reflux. The evaporation rate based model for non-reacting mixture (toluene-

benzene system) was developed which was used in predicting the distillate composition accurately. 

The evaporation mass transfer coefficients were determined experimentally and their fitted curves 

or expressions were used in the simulations. The mass transfer coefficients for the heavier 
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component had a good power law fit in the entire range of temperatures starting from reboiler to 

the condenser. Whereas the mass transfer coefficient of the lighter component had three regimes 

of linear fit differing in slopes as well as sign of slopes owing to superheated condition of the 

lighter component in the reboiler and also to some extent in the column. It was found that the 

simulation of real world distillation processes using rate based model is validated. This has 

application in modeling reactive distillation such as solid catalyzed esterification reactions in a 

reboiler connected with a packed distillation column above it. 

 

In another part of this work, variable heat input to the reboiler was used instead of constant 

temperature control for esterification reaction. The present study showed that the bubble point 

temperature of the reboiler is constant around 67 0C at steady state. So if at all the column has to 

be operated in a continuous reactant input mode then the set point of 60 0C or so corresponding to 

methyl acetate boiling point is heuristic. Moreover the heat input rate method is easy for 

implementation of quality control of distillate purity. Also the column may be provided wall 

heating corresponding to 60 0C initially for quick start up dynamics and later brought down back 

to insulating condition for efficient use of BRD equipment. The handle can also be heat input rate 

Q to the reboiler to achieve the same. Thus greater insights were obtained in the present work on 

batch reactive distillation (BRD). 

 

Scope for future work 

The activity coefficient models may be incorporated instead of ideal solution assumption based 

evaporation driving force in the rectification section. The formation of distillate for wall 

temperature above a threshold value can be studied to aid in startup dynamics of BRD. Process 

scale up analysis can be carried out both by simulation and experiments. The amount of energy 

required for unit quantity of methyl acetate can be optimized. A process control system can also 

be devised to have quick start-up dynamics by adjusting wall heating, reboiler heating and recycle. 

It can also be applied for continuous RD system. 
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Appendix 1 

Derivation of Initial Reaction Conversion Rate as in Equation 2.3 

The assumptions involved in developing the model are as follows: The catalyst particles are 

assumed to be spherical in shape with internal pores. The swelling of catalyst particles is 

considered to be negligible. The reactants can react in the bulk solution as well as inside the catalyst 

particle. Acetic acid and methanol diffuse into the catalyst where the reaction occurs due to 

catalytic activity. The produced methyl acetate and water diffuse back into the bulk solution. In 

the bulk solution also, a simultaneous homogeneous reaction occurs. The mass transfer resistance 

external to the catalyst particle is neglected since there is no stagnant film surrounding a catalyst 

particle due to high stirring. The diffusivities of the reactants and products inside the catalyst 

particle are important. Though they depend on temperature and local concentration, they are 

assumed to be same for all species and an average value is assumed. The volumetric change of 

solution due to reaction is assumed to be negligible. 

The overall rate of reaction could be represented as in Eq. (A1.1). 

VrJRN
dt

dN
AbRrAPP

Ab

P
 

24                     (A1.1) 

Where NAb is the number of moles of A in the bulk solution at a given time. dNAb/dt represents the 

rate of change of number of kmoles of A in the bulk solution where it is measured for concentration 

changes. Np is the number of catalyst particles, Rp is the radius of catalyst particles and 4πRp
2 

represents the surface area of each catalyst particle.  
PRrAJ  represents the inward flux of acetic 

acid into the catalyst at its surface. rAb is the rate of homogeneous reaction in the bulk solution 

which occurs simultaneously. It primarily depends on temperature but its rate is slow compared to 

the rate of catalytic reaction inside the catalyst. V is the volume of reaction mixture. 

Generally the rate of homogeneous reaction could be represented by Eq. (A1.2) 

 
DbCbbBbAbf

Ab
Ab CCkCCk

dt

dC
r 11                     (A1.2) 

kf1 is the forward reaction rate constant and kb1 is the backward reaction rate constant. CAb, CBb, 

CCb and CDb are the concentrations in kmol/m3 or gmol/lit in the bulk solution.  
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Eq. (A1.2) could be simplified as  

  









e

A
AAfAb

K

X
XCkr

2
22

01 1                     (A1.3) 

Where Ke=kf1/kb1, In experiments it is found that Ke=4.95 from equilibrium data [Mekala et al, 

2013], that is  
 2

2

1 Ae

Ae

e
X

X
K


  , where XAe is equilibrium conversion of acetic acid. 

Now, the first term in Eq. (A1.1) due to flux of A into the catalyst particle could be simplified by 

the following transformation in terms of reaction conditions that is catalyst loading wc and radius 

of catalyst particle Rp. 
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Where mcat is total mass of catalyst, Rp is the radius of catalyst particle, ρp is the true density of 

catalyst particle in g/cc and wc is the catalyst loading in g/cc. The inward flux of acetic acid, 

PRrAJ  at catalyst surface is represented as 

PRr
A

AA
r

C
DJ 




            (A1.5) 

This JA has to be obtained by solving reaction-diffusion equation inside the catalyst particle as 

given below. 

 AA
A rn

t

C





.            (A1.6) 

Where CA is the concentration of the acetic acid at a location (r, t) inside the catalyst particle. nA 

is the total flux of A due to convection and diffusion as given below in Eq. (A1.7). 

  AAiA Jxnn              (A1.7) 

Where    in  is the vector sum of fluxes of all components. xA is the mole fraction of acetic acid 

and JA is the molecular diffusion flux. If we assume that the reaction proceeds according to 
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stoichiometry then   in =0 which implies that equimolar counter diffusion of reactants and 

products occurs inside the catalyst particle. Hence the flux of A inward into the particle is equal to 

flux of B and of opposite sign with respect to C and D. Now, the total flux of A in Eq. (A1.7) is 

given by JA itself which in turn is as given below in Eq. (A1.8) according to Fick’s law of diffusion.  

r

C
DJ A

AA



            (A1.8) 

The reaction rate inside the catalyst may be assumed as follows  

 DCbBAfA CCkCCkr 22            (A1.9) 

Where CA, CB, CC and CD are local concentrations inside the catalyst particle. kf2 and kb2 are the 

forward and backward reaction rate constants which are different from those of homogeneous 

reaction. Note that CA is inside the catalyst and CAb is in the bulk solution.  

By substituting Eq. (A1.7), Eq. (A1.8) and Eq. (A1.9) in Eq. (A1.6) it gives the equation 

 DCbBAfAA
A CCkCCkCD

t

C
22
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


                  (A1.10) 

Where ε is the void fraction in the catalyst filled with reactant liquids. Here, a pseudo-

homogeneous rate equation is used because the pore volume is utilized instead of the pore surface 

area. In spherical coordinates Eq. (A1.10) becomes 

 DCbBAf
A

A
A CCkCCk

r

C
r

rr
D

t

C
22

2

2

1






















                 (A1.11) 

By using non-dimensionalization as t*=t/τ, r*=r/RP, CA*=CA/CA0 and by assuming the reactants 

and products to be in stoichiometric ratio that is CB=CA, CC=CA0-CA, CD=CA0-CA , Eq. (A1.11) 

gives  

 







 























e

A
A

A

PAfAA

K

C
C

D

RCk

r

C
r

rrt

C
2

2

2

022

2

*1
*

*
*

**

1

*

* 
              (A1.12) 

Where τ=Rp
2/DA and Ke=kf2/kb2. 

By solving Eq. (A1.12) with boundary conditions as  0
*

*






r

CA at r*=0 and CA*=CA/CA0=1-XA at 

r*=1 inside the catalyst particle, we could determine the flux of A at catalyst surface as   
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By substituting Eq. (A1.13), Eq. (A1.4) and Eq. (A1.3) in Eq. (A1.1), it gives the overall reaction 

rate in terms of conversion of acetic acid as in Eq. (A1.14) 
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It is assumed that the equilibrium constant Ke is same for both homogeneous reaction as 

well as for reaction inside the catalyst particle. From Eq. (A1.14) it can be seen that the initial 

reaction conversion rate at t  0 and XA=0, is a linear function of catalyst loading wc and it could 

be rewritten as below where  is a coefficient. 

100 fACt
A kCw

dt

dX
                     (A1.15) 
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Appendix 2 

Algorithm – 1 

(Particle scale simulation of reaction by using COMSOL Multiphysics. Ref.: Sec. 5.1) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Step 1: Geometry: 

Select 3D Geometry. Create a cube of liquid. Create a sphere of solid. Subtract sphere from 

cube. Again create sphere of solid as catalyst. 

Step 2: Add Physics: 

Select convection-diffusion-reaction equation for both catalyst and surrounding liquid. Assign 

different diffusivities and reaction rates. 

Boundary Condition: Assign Neumann condition on edges of cube. At particle-liquid interface, 

apply concentration and flux continuity/Dirichlet condition.  

Initial Condition: Both in liquid and pores of solid phase, the concentration is initially CA0. 

Step 3: Create Mesh: Use physics-controlled option. 

Step 4: Add Study: Transient solver to be selected. Time range as 0:900:12600 s 

Step 5: Post Processing of Results:  

CA,Avg is evaluated in liquid phase. Overall conversion is also evaluated at each time step. 
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Algorithm - 2 

(For non-reacting binary mixture in a batch packed bed distillation column. Ref.: Sec. 5.4) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Step 1: Define mole fractions of components of liquid in reboiler 

Step 2: The column length is divided into 100 segments or 101 nodes with dz=0.5 cm. The 

geometry parameters of specific surface area of packing and cross-sectional area of column 

are specified. First Node is assigned the same composition as the reboiler both in liquid 

and vapor. 

 

Step 3: A ‘for loop’ is used to update vapor flow rates at each node for each of the two 

components using evaporation rate from liquid and the contact area between liquid and 

vapor between every adjacent nodes. Evaporation rate is evaluated using local mass 

transfer coefficient based on local temperature and saturation vapor pressures from Antoine 

equations. 

 

Step 4: Distillate composition is evaluated as the same value as that of vapor composition 

in top most node in the column. 

 

Step 5: Plot Graphs such as mole fraction of each component along the height of the 

column in vapor or liquid. 
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Algorithm - 3 

(For batch reactive distillation. Ref.: Sec. 5.5) 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Step 1: Define mole fractions of components of liquid in Reboiler using equilibrium 

constant  

 

Step 2: The column length is divided into 50 segments or 51 nodes with dz=1 cm. The 

geometry parameters of specific surface area of packing and cross-sectional area of 

column are specified. First Node is assigned the same composition as the reboiler both in 

liquid and vapor. 

 

Step 3: A ‘for loop’ is used to update vapor flow rates at each node for each of the four 

components using evaporation rate from liquid and the contact area between liquid and 

vapor between every adjacent nodes. Evaporation rate is evaluated using local mass 

transfer coefficient based on local temperature and saturation vapor pressures from 

Antoine equations. 

 

Step 4: Distillate composition is evaluated as the same value as that of vapor composition 

in top most node in the column. 

 

Step 5: Plot Graphs such as mole fraction of each component along the height of the 

column in vapor or liquid. 
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